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The public interest in CO2 removal from flue gases has recently increased, due 

to more restrictive regulations on emissions of greenhouse gases. The use of a 

classic absorption/stripping process downstream of power plants is the only option 

so far.  Aqueous monoethanolamine is the most common solvent used to absorb 

CO2. Its problem is that the energy required for solvent regeneration is high. 

This work focuses on the creation of an ASPEN PLUS rate-based model of an 

absorption/stripping process for removal of CO2 with 30 wt% aqueous 

monoethanolamine. The absorber was modeled with RATEFRAC and kinetic 

reactions, the stripper with RATEFRAC and equilibrium reactions. The rates of 

absorption follow the Interface-Pseudo-First-Order approximation, with rate 

constants adjusted to match experimental data (Dang, 2001). The equilibrium 

follows an Electrolyte-NRTL model, regressed using data from Jou et al. (1995).  

The model was used to analyze the effects of process variables on energy 

requirement. The solvent circulation rate seems to be the most effective variable to 

adjust. Other process changes were analyzed, such as amine neutralization, stripper 

pressure decrease, split flow configuration, absorber intercooling. Even if the 

energy requirement is lowered by some options, the extent of the reduction is not 

large enough to make the process economic on a large scale power plant. 
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Chapter 1                                                  

Introduction 

 

 

 

 

 

 

 

 

 

Removal of carbon dioxide has been practiced industrially for several decades. 

Different processes need to have CO2 removed.  In natural gas processing CO2 is 

removed to reduce the costs of compression and transportation. In ammonia 

manufacture CO2 needs to be removed from the hydrogen stream, since it poisons 

the catalyst for the reaction between H2 and N2.  Power plant flue gases are a new 

application of CO2 removal processes, compared to the first two.  In this case CO2 

is removed only to reduce greenhouse emissions. This issue is of increasing 

interest, because global warming is an important environmental and political issue. 

With the Kyoto protocol of 1997 forty-one industrialized countries agreed to cut 

the carbon dioxide emissions to approximately 5% less than the emissions in 1990, 

in a five year period going from 2008 to 2012. This situation makes CO2 capture an 

important issue in the economies of most countries. It is a fact that a CO2 removal 

facility is an expensive plant, and the operating costs are very high. For a power 

plant the removal of 90% of the CO2 from the flue gas can use up to 30% of the 

energy produced by the plant (IEA Greenhouse Gas R&D Programme). This 

represents a heavy loss, and the focus of research in this field is to reduce the costs 

of removal, in particular reducing its energy requirements. 
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CO2 has some uses and can be sold on the market. It is used mostly in enhanced 

oil recovery (EOR). CO2 flooding represents one of the main methods for 

extracting the final amounts of recoverable oil from depleted reservoirs. CO2 is also 

used in the food industry for carbonated beverages and brewing. It finds uses in 

smaller quantities as inert gas or as supercritical solvent. The problem of the CO2 

market is that many processes produce CO2 as a by-product, and there is no need to 

buy from flue gas plants. In addition the amount of CO2 needed for the 

aforementioned processes is much smaller than the amount that can be recovered 

from power plant flue gases.  

1.1. Alkanolamines and their reactions with CO2 

CO2 capture is typically done by absorption with alkanolamine-water solutions. 

The alkanolamines are bases, and they react with the acid species CO2 to form 

different reaction products. They contain alcohol groups in order to become soluble 

in water. The first alkanolamine to be used industrially was monoethanolamine 

(MEA). This is the only amine that will be considered in this work. Its structure is 

shown in Figure 1.1, where it is compared to the structures of other common 

alkanolamines, such as methyldiethanolamine (MDEA), diethanolamine (DEA), 

triethanolamine (TEA), diglycolamine (DGA), and piperazine (PZ). The amines are 

distinguished as primary, secondary and tertiary, according to the number of 

organic groups attached to the alkaline nitrogens. MEA is a primary amine, DEA 

and PZ are secondary amines, and MDEA and TEA are tertiary amines.  The 

different categories of amines differ on the type of mechanisms with which they 

react with CO2, as well as the reaction products and the heats of reaction. Typically 

primary and secondary amines react forming a carbamate species, and the reaction 

may or may not proceed through an intermediate called the zwitterion. 

CO2 + R2NH              R2NH
+
COO

-
 (zwitterion)                       (1.1) 

 R2NH
+
COO

-
 + R2NH               R2NCOO

-
 + R2NH2

+
                  (1.2) 

(carbamate)  (protonated amine) 
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Tertiary amines cannot form a carbamate species, because they do not have a 

hydrogen attached to the nitrogen atom. Typically the tertiary amines react 

according to equation 1.3. 

 CO2 + R3N + H2O ª HCO3
-
 +R3NH

+
  (1.3) 

 

 

Figure 1.1. Chemical structures of most common alkanolamines. 
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 4 

 

Primary and secondary amines usually react faster than tertiary amines, and 

CO2 has higher heats of absorption in these amines. Heats of reaction at 25
0 

C and 

unloaded conditions are approximately 20.3 kcal/mole for MEA and 14.8 kcal/mole 

for MDEA (Kohl and Nielsen, 1997). 

A typical rate expression for amines that react according to 1.1 and 1.2 is 

equation 1.4 (Littel et al., 1991).  

 
[ ][ ]

[ ] [ ] []BkNHRRkOHk

1

k

1

CONHRR
R

B21R1R2NH2H2O2

221
CO2

+
+

=

+

 (1.4) 

where [R1R2NH], [CO2] and [H2O] are the concentration of alkanolamine, CO2 and 

water respectively, and B is any other base in solution that can extract a proton 

from the zwitterion.  

For MEA the equation is particularly simple. The rate is dominated by the 

zwitterion formation, rather than by its reaction with another base. Therefore the 

rate expression becomes simply first order with respect to MEA.  

 RCO2= k2 [CO2] [MEA]  (1.5) 

The advantage of a fast reacting amine is that the size of the separation equipment 

(absorbers) is smaller. The drawback is that more heat is required to reverse the 

reaction and regenerate the solvent. Solvent regeneration is the main obstacle to 

cost reduction of CO2 capture.  

The choice of a proper solvent is important. Some work has been done on 

mixed solvents. Bishnoi (2000) and Dang (2001) researched the properties of 

piperazine promoted MDEA and MEA respectively. Cullinane (2002) is currently 

studying the absorption into piperazine promoted potassium carbonate (K2CO3). 

Piperazine has very fast kinetics and can promote the absorption rates. MDEA, 

MEA and K2CO3 provide CO2 capacity in the solvent and reduce the heat of 

regeneration, which would be otherwise too high if piperazine were to be used by 
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itself. These mixed solvents are being studied at bench scale, but they are not yet 

used in industry.  

1.2. The absorption/stripping process for CO2 capture 

CO2 removal is achieved industrially by a process based on a pair of columns, 

one absorber and one stripper. The purpose of the absorber is to capture the carbon 

dioxide, whereas the purpose of the stripper is to regenerate the solvent, so that it is 

ready to be recycled to the absorber. The cyclic process is shown in Figure 1.2. The 

absorber has two feeds; at the bottom the flue gas enters the column and flows 

upwards. The CO2 content of the feed changes with the type of flue gas. Gas 

turbines produce flue gases with approximately 3 mole% CO2. Natural gas and 

coal-fired power plants generate more CO2, with flue gases containing 5-6% and 

10-12% of CO2 respectively.  

The solvent is fed at the top, flowing down the column and contacting the gas 

phase. This solvent comes from the bottom of the stripper, and is called lean, 

because it has the lowest CO2 content in the process. The solvent cannot be fully 

regenerated, because this would be too energy demanding. Nevertheless the 

regeneration needs to be almost complete, because the partial pressure of CO2 

allowed in the outlet gas streams can be as low as 50 mmHg. The CO2 content of a 

liquid amine-water solution is usually expressed in terms of loading (total moles of 

CO2/total moles of amine). In the absorber, during contact between the liquid and 

the gas phase, the CO2 enters the liquid phase due to a concentration gradient. If 

there was no amine, there would be only physical absorption and the solvent would 

be quickly saturated with CO2. The presence of MEA or other alkanolamines drives 

the CO2 into the liquid phase due to a fast reaction. Besides providing CO2 

capacity, the amine enhances the absorption rates, which can be as much as one 

hundred times faster than in a physical solvent. 
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  The most common way to provide contact area for mass transfer is the use of 

packing. The liquid phase forms a film around the packing, increasing the area of 

contact between the gas and liquid phases. Other ways to provide contact area are 

the use of sieve trays or sprays.  

The gas coming off the top of the absorber is purified and can be discharged 

into the atmosphere. Because this gas usually does not need further processing, the 

absorber can operate at a pressure just above atmospheric, high enough to let the 

gas stream overcome the column pressure drop.  From the bottom of the absorber, 

the exiting liquid phase takes the name of rich solvent, because it has the highest 

CO2 loading. This is the stream that is fed to the stripper for regeneration. Typical 

values for lean and rich loading in aqueous MEA are 0.1-0.2 and 0.4-0.5 mol 

CO2/mol MEA respectively.  

Gas Stream
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Figure 1.2. Schematic of absorption/stripping process for CO2 removal with 

alkanolamines. 
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The stripper column operates by driving the CO2 out of the solvent, through the 

generation of steam. Steam is generated in a reboiler at the bottom of the column. 

Energy is required in order to vaporize the liquid at the bottom of the stripper. This 

energy is usually provided by utility steam. The steam produced flows upwards 

and, having a low CO2 content, can drive the mass transfer from the liquid to the 

gas phase. The energy requirement becomes higher as the purity of the lean solvent 

increases. An overhead partial condenser limits the amounts of water and amine 

eliminated with the top gas. The stripper usually operates at higher pressure (1.5-2 

atm) than the absorber for two reasons. First, the purified CO2 usually needs further 

processing or transportation, whether it is sold for enhanced oil recovery or 

disposed of in tanks. Secondly, the higher pressure implies higher temperatures 

(110-120
0
 C) and CO2 has a heat of absorption in MEA approximately twice that of 

H2O. As a consequence of the Clausius-Clapeyron thermodynamic relationship 

(1.6), the vapor pressure of CO2 increases with temperature more rapidly than the 

vapor of pressure of water does. Thus the relative amount of CO2 to H2O in the gas 

phase increases as the temperature increases. In equation 1.6, P
* 

is the vapor 

pressure of a component, R the universal gas constant, and DHl-v is the heat of 

vaporization of water or the heat of desorption of CO2. This pressure effect will be 

described in details in section 5.5. 

 
2

*ln

dRT

H

dT

Pd vl -D
=  (1.6) 

A cross exchanger is used to heat up the rich amine and to cool down the lean 

amine. The rich amine needs to reach temperatures of approximately 110
0
 C, 

whereas the lean amine is cooled down to absorber temperature, approximately 40
0
 

C. The cross exchanger uses the sensible heat of the hot stripper bottoms to heat up 

the absorber bottoms. This reduces the energy to be provided by the reboiler. The 

lean solvent usually needs to be further cooled with cooling water, before reaching 

absorber temperatures.  
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1.3. Modeling of the process and scope of work 

Extensive experimental data have been collected in the past twenty years on the 

CO2-MEA-H2O system. These data cover thermodynamic equilibrium, rates of 

absorption and rates of reaction. Many thermodynamic models and rate models 

have been created in order to reproduce the experimental data. Among the 

thermodynamic models, the Kent and Eisenberg method (1976) must be cited for 

its simplicity. The currently most used model for this system is the electrolyte-

NRTL, developed by Chen et al. (1979). It is a model to predict the excess Gibbsôs 

energy of a mixture and will be described in details in chapter 2. This model 

successfully reproduces experimental data in a wide range of temperature and 

loadings.  

The object of the present work is to create a model for an absorption/stripping 

process with MEA, based on the experimental data collected so far. The 

equilibrium data collected by Jou et al. (1995) are used to develop a rigorous 

electrolyte-NRTL thermodynamic model; the absorption rate data collected by 

Dang (2001) are used to develop a rate model. The model was developed in 

ASPEN PLUS, with the RATEFRAC
TM

 module. RATEFRAC is a rate based 

model used to simulate packed and tray columns. The mass transfer rates are 

calculated with an algorithm that uses film theory for the diffusion of the species in 

the liquid and gas phases and accounts for reaction rates in the calculation. The 

commercial version of RATEFRAC is not suitable to reproduce the experimental 

data for CO2 absorption in MEA. This problem will be described in detail in 

chapter 3. It relates to the way RATEFRAC calculates the rates in the liquid 

boundary layer. A FORTRAN subroutine was written for the kinetics, in order to 

fix the problem. The RATEFRAC model was validated with field data provided by 

Fluor Daniel (Won et al., 1999), obtained from the commercial power plant in 

Bellingham, Massachusetts. This work represents the first successful model with 

RATEFRAC for acid gas treating with MEA. 
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Other models have been completed in the past, using either commercial 

software or language codes. TSWEET is an amine-gas sweetening computer 

program, which has been used since the early eighties for modeling of acid gas 

removal (called sweetening in the case of removal from natural gas). Model results 

with TSWEET can be found in the literature (Holmes et al., 1984).  

Another software in use is AMSIM, which uses a rigorous non-equilibrium 

stage model (Zhang et al., 1996). Along with commercial packages, programs 

written in FORTRAN or Visual Basic have developed. These programs have the 

advantage of being specific for amine gas treating. They usually perform rigorous 

boundary layer integrations for the calculation of mass transfer rates. A model by 

Al -Baghli et al. (2001) uses this method.  Although these rigorously integrated 

models provide a better insight on mass transfer with chemical reaction in the 

liquid boundary layer, they are usually slower, and present challenges in simulating 

the whole process. The purpose of this work is to understand how the design 

variables affect each other at the level of the whole process, not of the single 

absorber and stripper. ASPEN PLUS provides tools to perform analyses of this 

type. For this reason it was chosen as platform for this model. 

The ultimate objective of the model is to find an optimum operating point for 

the process, characterized by a minimum energy requirement for a given CO2 

removal. This work wants to provide a tool for the design of CO2 removal 

processes with lower costs. The main design parameters are heights of the two 

columns, solvent rate, temperature approach to equilibrium in the cross exchanger 

and operating pressure of the stripper. 

Other configurations of the process are explored, that may lead to lower energy 

requirements. A split flow process was first proposed by Shoeld (1934), and its 

schematic is shown in Figure 1.3. General information on split flow effects is given 

in Kohl and Nielsen (1997). Applications on flue gas desulfurization were studied 

by Rochelle (1977), who proposed the configuration also for CO2 removal. The 
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effect of split flow on H2S removal from natural gas with MDEA was studied by 

Shethna et al. (1997), who showed that the split flow configuration can reduce 

energy requirements. In this work the effect of split flow on CO2 removal from flue 

gases was studied.  The split flow process will be described with more details and 

analyzed in section 5.6. 
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Figure 1.3. Schematic of a split flow process for CO2 removal with 

alkanolamines. 

 

In this modification of the absorption/stripping process a portion of the liquid 

phase flowing down the stripper is extracted from the column. This split stream 

(also called semi-lean amine) is cooled down to absorber temperatures through 

process heat exchange and extra-cooling, and is fed to an intermediate stage in the 

absorber.  
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Chapter 2                                                                     

Thermodynamic Model 

 

 

 

 

 

 

 

 

 

A model of an absorption/stripping process requires the use of rigorous 

thermodynamics. Although CO2 absorption is a non-equilibrium process, the 

knowledge of the equilibrium composition of the CO2-MEA-H2O system is 

required to determine liquid phase driving forces and solution speciation. 

2.1. Solution chemistry and equilibrium governing equations 

The following reversible reactions occur in the liquid phase when CO2 is 

absorbed into an aqueous solution of MEA. 

 

MEACOO
- 
+ H2O                MEA + HCO3

-
    (2.1) 

 

CO2 + 2 H2O                HCO3
-
 + H3O

+     
(2.2) 

 

HCO3
-
 + H2O               CO3

--
 + H3O

+
     (2.3) 

 

MEAH
+ 
+ H2O              MEA + H3O

+
     (2.4) 

 

2 H2O               H3O
+
 + OH

-
        (2.5) 
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Every reaction represents an equilibrium constraint. Solving the thermodynamic 

problem for the solution of H2O, MEA and CO2 at a given temperature and 

pressure means finding the mole fractions of each of the components in both the 

liquid and the vapor phases. Because the ions are non-volatile, only CO2, MEA and 

water are present in the vapor phase. Since there is a total of nine components, 

there are 12 unknowns in the problem, that require 12 equations.  The known 

variables are total MEA concentration and CO2 loading of the solution. The solving 

equations are the five equilibrium constraints (2.6), the CO2 material balance (2.7), 

the MEA balance (2.8), the total material balance (2.9), electroneutrality (2.10) and 

the phase equilibrium relationships for CO2, MEA and water (2.11-2.13). 

 

()

()Ô

Ô
=

reactant

1

i
i

prod

1

i
i

j

a

a

K
u

u

 (2.6) 

 
-

3
-

32 MEACOOCOHCOCOCO2total xxxxx +++= =
 (2.7) 

 -+++= MEACOOMEAHMEAMEAtot xxxx  (2.8) 

 -= ++++++++= ++-
OHOHMEAH

-
MEACOOCOHCOOHMEACO xxxxxxxxx 3332 21  (2.9) 

 )x(x2xxx(x0 H3OMEAH)COOHMEACOOHCO3 3
++--- +-+++= =

 (2.10) 

 2222 COCO*COCO xHɔPy =  (2.11) 

 OH
*

OHH2O 22H2O xPɔPy =  (2.12) 

 MEA
*
MEAMEA xPɔPyMEA =  (2.13) 

 

In equation 2.6 ai is the activity of component i in solution and ui is the 

stoichiometric coefficient of component i in reaction j. In equations 2.11 HCO2 is the 

Henryôs constant of CO2 in the solvent. In equations 2.12 and 2.13 P
*
H2O and P

*
MEA 

are the vapor pressures of H2O and MEA respectively.     
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The equilibrium constants are temperature dependent, according to equation 

2.14, where T is in 
0
K. 

 DTTC
T

B
AK j +++= lnln  (2.14) 

The same temperature dependence is found for the Henryôs constant of CO2 in 

water. The values of the constants, from Austgen (1989), are reported in Table 2.1. 

Table 2.1. Values of constants for T dependent expressions for equilibrium 

constants and Henryôs constant for CO2 in H2O. 

 

Parameter 

 

 

Keq, 

reaction 

2.1 

 

Keq, 

reaction 

2.2 

 

Keq, 

reaction 

2.3 

 

Keq, 

reaction 

2.4 

 

Keq, 

Reaction 

2.5 

 

HCO2,H2O 

 

A -0.52 231.46 216.05 -3.038 132.89 170.71 

B -2545.53 -12092.1 -12431.7 -7008.3 -13445.9 -8477.7 

C 0 -36.78 -35.48 0 -22.47 -21.95 

D 0 0 0 -0.00313 0 5.78E-3 

 

2.2. Solubility data used in this work 

Rochelle et al. (2001) and Dang (2000) have reviewed the extensive solubility 

data for the system CO2-MEA-H2O.  Only the data collected by the Mather 

research group were used in this work. Lee et al. (1976) collected data at 1 to 5 M 

MEA, 25
0
C to 120

0
C, with 0.1 to 2 mol CO2/mol MEA. Jou et al. (1995) collected 

data only in 30 wt% MEA, at 0
0
C to 150

0
C, with 0.001 to 1 mol CO2/mol MEA.  

The equilibrium model for CO2 absorption in MEA developed by Austgen 

(1989) was based on the Lee data. The work of Jou, done 20 years later, pointed out 

that Leeôs data were affected by a systematical error, a consequence of the 

experimental technique used to measure the CO2 loading. In Leeôs work the 

solution was acidified by adding H2SO4. The carbon dioxide evolved and was 

measured volumetrically. There is a small amount of CO2 that remains in the acidic 

solution, and that seemed to be the cause of a systematical loading underprediction 

by approximately 0.04.  
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In Jouôs work the CO2 loading was measured using two different techniques, 

gas chromatography and precipitation of BaCO3. The former was used for low 

loading, the latter for higher loading. A few points were measured with both 

methods, showing consistent measured values.  The Jou data are considered the 

most reliable solubility measurements available in the literature. The vapor pressure 

of CO2 varies over three orders of magnitude from unloaded solutions to loadings 

of 0.4-0.5.  

The model developed here uses the Jou data for a development of an 

equilibrium model by the ASPEN PLUS Data Regression System (DRS), using the 

electrolyte-NRTL framework, developed by Chen et al. (1979).  

2.3. System non-idealities 

The mixture of CO2, MEA and water is highly non-ideal in the liquid phase.  

The presence of ions and polar molecules creates significant thermal effects in 

solution. In order to predict equilibrium correctly, a good activity coefficient model 

is necessary. 

The electrolyte-NRTL was chosen by Austgen (1989), Posey (1996) and 

Bishnoi (2000)  as the most suitable model for the systems CO2-amine-water.  The 

present work starts from the model developed by Austgen and improves it 

including Jouôs data in a parameter regression. Austgen had done his regression 

with data from several investigators, including Lee. 

The gas phase does not present significant non-idealities, since the pressures of 

interest are not high (atmospheric to 4-5 atm). The thermodynamic model used in 

ASPEN PLUS uses the equation of Redlick-Kwan-Soave to treat vapor phase non-

idealities, even if the calculated fugacity coefficients are always very close to one. 
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2.4. The Electrolyte-NRTL Model 

The thermodynamic model developed in this work uses the electrolyte-NRTL 

theory developed by Chen and Evans (1979) and extended by Mock et al. (1986) 

for mixed solvent electrolyte systems. A short description of the theory will follow. 

More information on the model derivation can be found in Chen et al. (1979, 1982, 

1986), Austgen (1989) and Bishnoi (1998, 2000). 

The Electrolyte-NRTL model is a model for the excess Gibbs free energy of a 

solution. From background thermodynamics, it is known that the activity 

coefficients of every component of a mixture can be related to the excess Gibbs 

free energy by equation 2.15.  

 
ijnPT ¸

ö
÷

õ
æ
ç

å

µ

µ
=

,,

E

i

i

RT

G

n
lnɔ  (2.15) 

gi is the activity coefficient of species i in solution, ni is the number of moles of i, 

G
E
 is the excess Gibbs free energy, defined as 

 idE GGG -=  (2.16) 

where G
id 

is the Gibbs free energy if the mixture were ideal. The excess Gibbs free 

energy is related to excess enthalpy and excess entropy of mixing (eq. 2.17) 

 
EEE TSHG -=  (2.17) 

The excess enthalpy is determined by the fact that a component changes its 

interactions with the surrounding components when the composition changes. 

When ions are present in large amounts in the solution, they interact strongly with 

each other, and every molecule of CO2 among them reduces the intensity of this 

interaction. For this reason the CO2 is subject to the so called salting-out effect. It 

tends to leave the liquid phase when the solution has high ionic strength, because 

this reduces the total enthalpy of the solution.  The excess entropy is due to a 

change in the randomness of the reciprocal position of the molecules in solution. 

The presence of ions creates a pseudo crystalline structure in the aqueous solution, 
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because water molecules tend to hydrate the ions.   The electrolyte-NRTL model 

assumes that the non ideal entropy of mixing is negligible compared to the heat of 

mixing. 

The electrolyte-NRTL model gives an analytical expression for the excess 

Gibbs free energy. In the model G
E
 is a sum of three terms, the long range ionic 

forces, the short range molecular forces and the Born correction (eq. 2.18). 

 
NRTLEBORNEHPDEE

GGGG
,,,

++=  (2.18) 

The long term ionic forces are described with the theory of Debye-Huckel, 

modified by Pitzer. The term depends heavily on the ionic strength of the solution 

Ix, defined in terms of mole fractions of the ions, like in equation 2.19, where zi is 

the charge of ion i. 

 ä=
i

2
iix zx

2
1I  (2.19) 

Documentation of this theory can be found in Chen et al. (1979). This term 

describes the interactions between ions.  The Born correction is a term introduced 

by Scauflaire et al. (1989), in order to bring the reference states of all the ions to 

infinite dilution in water. The term G
E,PDH

+G
E,BORN

 represents the long range forces 

contribution with reference state of the ions at infinite dilution in water. 

The short range molecular forces need to be included to account for hydrogen 

bonds and local interactions of molecules with molecules, molecules with ion pairs, 

and ion pairs with ion pairs. These interactions are described by the non random 

two liquids (NRTL) theory developed by Renon and Prausnitz (1968).  The NRTL 

theory in the presence of ions uses two assumptions. The like-ion repulsion 

assumption states that the local compositions of cations around cations and anions 

around anions is zero. The local electroneutrality assumption states that the local 

charge is always zero. The NRTL term in the excess Gibbs free energy expression 

is a strong function of interaction parameters, defined in equation 2.20. 
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RT

gg kiji
kiji

-
=,t  (2.20) 

gji and gki are the energies of interaction of species i with species j and k 

respectively. Equation 2.20 is the basis for the non-random distribution of species j 

and k around species i. The local mole fractions of j and k around i,  X ji and Xki, are 

calculated according to equations 2.21 and 2.22, where Xj=(xj Cj), Cj is the charge 

for ions and unity for molecules, xj is the total mole fraction of j in solution, and 

aji,ki  is a parameter called nonrandomness factor. a is a symmetric parameter: 

ai,j=aj,i.   
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=  (2.21) 

 
( )kiji,kiji,

kiji,
ŰŬ

eG
-

=  (2.22) 

The local composition around a species i, that can be a molecule, an anion or a 

cation, is determined by the relative energies of interaction of every species with 

species i. The t values are impossible to measure and they have to be obtained by 

numerical regression. Normally they are assigned a temperature dependent 

expression (equation 2.23). 

 
T

B
AŰ +=  (2.23) 

2.4.1. Electrolyte-NRTL model applied to CO2-amine systems 

Austgen (1989) applied the Electrolyte-NRTL model to the MEA-water-CO2 

system. He regressed t parameters and the carbamate stability constants to match 

available experimental data. Based on Chen et al. (1986), he fixed all the tôs for 

ionic pair-ionic pair to zero, and he set all the nonrandomness factors for molecule-

molecule interactions and water-ion pair interaction to 0.2. As suggested by Mock 

et al. (1986), he set the nonrandomness factors for alkanolamine-ion pair and CO2-

ion pair to 0.1. These same values were used in this work.  For the MEA-CO2-H2O 
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system, Austgen regressed the t values for MEA-H2O, H2O-(MEACOO
-
MEAH

+
), 

H2O-(HCO3
-
MEAH

+
) and their reciprocal. All the other water-ion pair and ion pair-

water parameters were set at fixed values of 8.0 and -4.0. The amine-ion pair/ion 

pair-amine parameters and the CO2-ion pair/ion pair-CO2 were set to 15.0 and -8.0. 

These values were reported by Chen and Evans (1986) and Mock et al. (1986) as 

average values of a large number of water-ion pair and organic solvent-ion pair 

parameters.  All the values regressed by Austgen were used in this work, except the 

tôs for H2O-(MEACOO
-
MEAH

+
), (MEACOO

-
MEAH

+
)-H2O,  H2O-(HCO3

-

MEAH
+
), and (HCO3

-
MEAH

+
)-H2O. 

Austgen used different sets of experimental data for his regression, including 

the data of Lee et al. (1976) mentioned above. The fact that this set of data was 

affected by systematic error produced regressed parameters that reproduce this 

error. In this work a new regression was performed, using the data of Jou et al. 

(1995) instead of those of Lee et al. 

2.5. Regression  

New interaction parameters were regressed in this work to make the model of 

Austgen match the experimental data of Jou et al. (1995). The regression was done 

using the Data Regression System (DRS) in ASPEN PLUS, the same tool used by 

Austgen. The regressed parameters are the t values for the water-ion pairs H2O-

(MEACOO
-
MEAH

+
), H2O-(HCO3

-
MEAH

+
) and their reciprocal.  

Jou reported partial pressures of CO2 as a function of CO2 loading and 

temperature. The DRS requires that temperature, pressure, liquid phase mole 

fractions and gas phase mole fractions are entered for every experimental point. 

Because the solution speciation is not known a priori, the apparent component 

approach was used. The vapor pressures of MEA and H2O were estimated using a 

flash calculation in ASPEN PLUS. Their partial pressures were obtained with 

Raoultôs law. The total pressure was obtained summing PCO2, PMEA and PH2O. The 



 19 

mole fractions were calculated dividing partial pressures by total pressure. 

Appendix A reports detailed inputs and results of the regression.    

The DRS uses an algorithm developed by Deming (1943) called maximum 

likelihood. This algorithm treats all the experimental variables equally. Therefore 

temperature, pressure, liquid and gas phase mole fractions are all variables that 

contribute to a function to minimize. The function is given in equation 2.24 (Liu et 

al., 1999).  
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 (2.24) 

The summation is over the total number of data points and the total number of 

variables. Z
CAL

 and Z
EXP

 are the calculated and experimental values, respectively. 

The standard deviation s reflects the confidence of an experimental value. s values 

for temperatures and pressures were set at lower values (higher confidence) than 

liquid phase mole fractions. The gas phase mole fractions of MEA were assigned a 

standard deviation of 100%, due to the large uncertainty of their values, which 

comes from the use of Raoultôs law to calculate them. All the values for standard 

deviations can be viewed in Appendix A.  

2.5.1. Reference states used in this work  

The reference states for every component are those set by ASPEN PLUS. H2O 

and MEA are both treated as solvents. Their reference state is the pure component. 

All the ions have a reference state of infinite dilution in water. The Henry 

components (CO2, N2 and O2) have reference states at infinite dilution in the mixed 

solvent. Table 2.2 summarizes the reference states used and their meanings in 

terms of activity coefficients.  This set of reference states was dictated by the 

defaults of ASPEN PLUS. As pointed out by Bishnoi (2000), there is a consistency 

problem with the reference state of infinite dilution in the mixed solvent for CO2. 

gCO2Ą1.0 as xCO2Ą0.0 in the mixed solvent. The problem is that ASPEN PLUS 
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sees the mixed solvent as the mixture of H2O, MEA, and all the ions. The 

concentrations of MEA and ions change with loading, therefore the reference state 

is different as the loading changes. This would not be a problem if the Gibbs free 

energy of formation of CO2 at the reference state changed accordingly; but the 

Gibbs free energy of formation is fixed, since the equilibrium constant is fixed. 

This creates a thermodynamic bug in ASPEN PLUS. It is not easy to quantify the 

effects of this bug. This inconsistency could not be removed, because it is built into 

the ASPEN PLUS code. The same inconsistency was present in the work of 

Austgen. Bishnoi (2000) removed the inconsistency by redefining the reference 

state of CO2 as infinite dilution in water in a stand-alone FORTRAN code.  

 

Table 2.2. Reference states and their definitions 

Components Activity coefficient definition 

H2O, MEA Symmetric: f i= gi fi
0
 xi    giĄ1.0 as xiĄ1.0 

Ions Unsymmetric: f i= gi
*
 fi

*
 xi    gi

*
Ą1.0 as xiĄ0.0 in pure water 

CO2, N2, O2 Unsymmetric: f i= gi
*
 fi

*
 xi    gi

*
Ą1.0 as xiĄ0.0 in mixed solvent 

2.5.2. Henryôs constant  

The Henryôs components in the mixture are CO2, N2, O2. Nitrogen and oxygen 

are present as inert species. The values of their Henryôs constant is not very 

important, because they are almost insoluble in the solvent. For CO2, instead, the 

use of a good Henryôs constant is required to regress a solid thermodynamic model. 

In ASPEN PLUS the problem is the way mixed solvents are treated. ASPEN PLUS 

calculates the Henryôs constants in mixed solvents averaging the Henryôs constant 

in pure solvents as in equations 2.25 through 2.27, as reported in the ASPEN PLUS 

manuals or in Liu at al. (1999). 

 ( ) ( )ä
¤¤

=
A

CO2AACO2,ACO2CO2 /ɔHlnw/ɔHln  (2.25) 
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RT

1
)expp(T,HP)(T,H  (2.27) 

HiA is the Henryôs constant in pure solvent A, wA is the weight fraction of solvent 

A, based on true solvent composition ratio (i.e. excluding all the components that 

are not solvents). gi
¤
 is the activity coefficient at infinite dilution in the mixed 

solvent, giA
¤
 is the activity coefficient at infinite dilution in the pure solvent A. 

Equation 2.26 gives the Henryôs constant in pure A at the vapor pressure of the 

mixture; equation 2.27 includes the Poynting correction, that brings the pressure up 

to the actual pressure of the solution. ViA
¤
 is the infinite dilution partial molar 

volume of CO2 in the mixture.  

Based on the previous work of Austgen (1989), the Henryôs constant of CO2 in 

MEA was dropped. The values for the constant in equation 2.26 for HCO2,H2O are 

reported in Table 2.1. 

 

Table 2.3. Values of regressed interaction parameters for the CO2-MEA -H2O 

Electrolyte-NRTL  model. 

Parameter Value s 

t H2O-(MEAH
+
MEACOO

-
) A 10.40 3.33 

t H2O-(MEAH
+
MEACOO

-
) B -119.92 1055.66 

t (MEAH
+
MEACOO

-
)-H2O A -5.963 1.30 

t (MEAH
+
MEACOO

-
)-H2O B 336.45 399.42 

t H2O-(MEAH
+
HCO3

-
)        A 6.88 19.91 

t H2O-(MEAH
+
HCO3

-
)        B 969.63 4107.75 

t (MEAH
+
HCO3

-
)-H2O        A -3.89 6.99 

t (MEAH
+
HCO3

-
)-H2O        B -91.35 1664.22 

2.5.3. Regression results 

Table 2.3 reports the values of the eight regressed parameters, along with their 

standard deviations. Except the regressed parameters, all the parameters were kept 
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at the values set by Austgen (1989). The standard deviations in the regressed 

parameters are all fairly high. This means that the confidence in each regressed 

parameter is low: the regression could have been done with a smaller number of 

parameters.  The reason why eight parameters were used is that the same regression 

was performed by Won et al. (1999) with the same parameters, and this Electrolyte-

NRTL model was built to reproduce the Won model. 
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Figure 2.1. Equilibrium partial pressure of CO 2 at 60 
0
C for a 30wt% MEA 

solvent. 

Figures 2.1 and 2.2 show the behavior at 60
0
C and 120

0
 C respectively of the 

equilibrium partial pressure of CO2. The partial pressure of CO2 is reported as PCO2 

divided by the square of the loading. The curve generated by the model is compared 

to Jouôs data points and with two other Electrolyte-NRTL models, the default of 

ASPEN PLUS and a model regressed by Won et al. (1999), which used the data of 

Jou et al. and a Henryôs constant for CO2 in MEA. The same data are tabulated in 

Table 2.4. 
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Figure 2.2. Equilibrium partial pressure of CO 2 at 120
0
C for a 30wt% MEA 

solvent. 

 

Table 2.4. Comparison of VLE models and experimental data (Jou et al., 1995) 

at 60 
0
C and 120 

0
C. 

60
0
C 

 Loading 0.056 0.119 0.20 0.44 0.50 0.56 

 

PCO2
*
 

mmHg 

Jou (1995) 0.032 0.15 0.45 15.10 82.50 256 

Aspen 0.037 0.16 0.54 33 298 1961 

Won et al. (1999) 0.037 0.14 0.44 15.5 84.2 359 

This Work 0.035 0.137 0.47 15.86 70.16 226 

120
0
C 

 Loading 0.025 0.12 0.35 0.40 0.44 0.47 

 

PCO2
* 

mmHg 

Jou (1995) 0.738 17.30 353 915 1665 3165 

Aspen 0.661 12.20 405 1042 2172 3359 

Won et al. (1999) 1.1 17.39 368 782 1537 3035 

This Work 1.28 20.67 464 972 1695.7 2456 
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It can be noticed that both the model regressed in this work and the one 

regressed by Won et al. reproduce the experimental points much better than the 

default model provided by ASPEN PLUS. Since the work of Jou is considered of 

high quality, the model regressed in the present work can be applied with more 

confidence to the absorption/stripping modeling described in chapter 4. 
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Chapter 3                                                    

Rate Model 

 

 

 

 

 

 

 

 

 

The absorption of carbon dioxide in monoethanolamine is a non-equilibrium 

process. The CO2 reacts with MEA with finite rates. Even though the reaction is 

fast, it is generally not close to equilibrium at absorber conditions. Typical values 

for stage efficiencies in an absorber tray column are of the order of 0.1-0.2; for 

packed columns, efficiencies of 0.1 are typical for a height of packing of 2 or 3 

feet.  It is important to characterize the kinetics of the reactions in the system with 

rate expressions that contain temperature dependence and composition dependence. 

Two of the five reactions occurring (2.1 through 2.5), need a kinetic 

characterization. There are different possible ways to write these reactions, 

according to the possible equilibrium reactions incorporated in them. In this work 

the kinetic reactions are given by equations 3.1 and 3.2. These reactions are the two 

possible ways by which CO2 can react directly in the mixture.  

 +-+½½½ ­½++ OHMEACOOOHMEACO MEAK

3

,2

22  (3.1) 

 --- ½½½ ­½+ 3

,2

2 HCOOHCO OHK  (3.2) 

The rates can be both expressed with a second order expression. 

 [ ][ ]MEACOkR MEAMEACO 2,22 =-  (3.3) 

 [ ][ ]--
-- = OHCOkR OHOHCO 2,22  (3.4) 

The rate constants k2,MEA and k2,OH
-
 have Arrhenius expressions (equations 3.5). 
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Of the two mentioned reactions, only 3.1 contributes significantly to the absorption 

of CO2.  Even if the rate constant of reaction 3.2 is higher than that of 3.1, the 

former reaction is slow, because that the concentration of OH
- 
ions is always very 

small in solution. For most practical purposes, reaction 3.2 is not important. It can 

be non negligible only at rich conditions, when the CO2+MEA reaction is slow. 

 

3.1. Rate data used in this work 

There are several researchers who have investigated the rates of reaction of CO2 

and MEA. A good summary of the work done so far on the subject can be found in 

Rochelle et al. (2001). A few representative experimental works are reported in 

Table 3.1. Five different experimental techniques have been used for the purpose of 

obtaining values for the rate constants: laminar jet, rapid mixing, wetted wall 

column, stirred cell and stopped flow. Most of the experiments agree on a value for 

the activation energy of approximately 41 kJ/mole. The rate expression chosen as a 

starting point for the model developed in this work was that of Hikita et al. (1977), 

given in equation 3.6.  According to Blauwhoff et al. (1984) this expression well 

represents the rates between 5 and 80
0
 C; k2,MEA has units of liter/mol s. 

 
T

kLog MEA

2152
99.10,210 -=  (3.6) 

The concentration range of the data of Hikita is 0.015-0.18 M, much lower than 

the 5 M (approximately equal to 30 wt%) used industrially and studied in this work. 

This is a limitation to the validity of this model. Most of the other data are also at 

low amine concentration. The only investigator who analyzed higher MEA 

concentrations was Clarke (1964). The fact that the values are in relative agreement 
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with Hikita adds to the validity of the assumption that the rate constant is roughly 

independent of MEA concentration.  

 

Table 3.1. Some literature data on the reaction between CO2 and aqueous 

MEA . 

Reference T range (
0
K) [MEA]  

(M) 

k298 K 

 

EA 

kJ/mol 

Experimental 

technique 

Clarke (1964) 298 1.6-4.8 7500  Laminar jet 

Danckwerts  

And Sharma 

(1966) 

291-308 

 

1.0 7600, 

6970 

41.8 Laminar jet 

Hikita et al. 

(1977) 

278-315 0.015-0.18 5868 41.2 Rapid mixing 

Alvarez-Fuster et 

al. 

(1980) 

293 0.2-2.0 5750  Stopped flow 

Penny and Ritter  

(1983) 

278-303 0.009-0.06 4990 42.2 Stirred cell 

Littel et al. 

(1992) 

318-333  3703   

 

The kinetics of the reaction between CO2 and OH
-
 have been correlated by 

Sherwood et al. (1975) (equation 3.7). 

 
T

kOH

6658
396.31ln -=-  (3.7) 

This work took advantage of wetted wall column rate experiments done by 

Dang (2001). These experiments were run with the wetted wall column built by 

Mshewa (1995). The solution contained 5 M MEA and was loaded with CO2 to 

0.3-0.5 moles/mole MEA at 40
0 

C and 60
0
 C. These conditions are exactly the 

operating conditions of the absorber column modeled in this work. The rate data 

were used to correct the rate constant from the Hikita value. A comparison between 

the rate model developed in this work and the wetted wall data is shown later in 

this chapter. 
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3.2. Modeling of mass transfer in liquid boundary layer  

The steady state diffusion of a species in the liquid phase due to a concentration 

gradient is governed by equation 3.8, obtained in rectangular coordinates, where x 

is the distance from the gas-liquid interface into the liquid phase and N is the flux 

of the species studied. 

 0=
µ

µ

x

N
 (3.8) 

The flux of CO2 can be expressed as a mass transfer coefficient times a driving 

force (equation 3.9). 

 [ ] [ ]( )
bulkilCO COCOkN 22

0

2 -=  (3.9) 

Different theories have developed to model mass transfer through a gas-liquid 

interface. The main mass transfer models are film theory, penetration theory, 

surface renewal theory and Eddy diffusivity theory. The two theories that were 

used in this work are film theory and Eddy diffusivity theory. They are both steady 

state theories, meaning that there are no time dependent variables in the models. 

Penetration theory and surface renewal theory are unsteady state theories and they 

will not be introduced here. A comparison between the four theories and the results 

obtained with them can be read in Bishnoi (2000).  

3.2.1. Film theory 

Film theory, introduced in 1924 by Lewis and Whitman, simply divides the 

liquid and gas phases into two regions, a bulk and a film. All the concentrations are 

assumed to change only in the film region. In the case of physical absorption (no 

chemical reactions occurring) the concentration profiles are linear in the film region 

and constant in the bulk region. Combining equations 3.8 and 3.9 with Fickôs law, 

this theory predicts a mass transfer coefficient proportional to the diffusion 
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coefficient.  This is not correct in most cases, where a square root dependence 

appears to be typical. Film theory is the simplest model for mass transfer and it is 

not able to represent well the absorption of CO2 in aqueous MEA unless some 

changes are made.  

 

 

Figure 3.1. Physical absorption representation with film theory 

 

3.2.2. Eddy diffusivity theory 

This model was introduced by King (1966). It predicts a square root 

dependence of the mass transfer coefficient on diffusivity. This is achieved by the 

introduction of a square dependence of the diffusivities on the liquid depth 

(equation 3.10). 

 ( )[ ]
x

CO
xDN COCO

µ

µ
+-= 22

2 2
e  (3.10) 

The expression for the mass transfer coefficient is given in equation 3.11. 

 

CCO2, int 

CCO2, bulk 

PCO2,int PCO2,bulk 

d 

Liquid film Gas film 
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2

0 2
COl Dk =  (3.11) 

The physical interpretation of this hypothesis is the presence of eddies in the liquid 

phase, that promote mass transfer as the distance from the surface increases. 

3.3.  Mass transfer with fast chemical reaction 

When one or more reactions are present in the liquid phase, another term needs 

to be added to equation 3.8. Equation 3.12 represents the steady state diffusion-

reaction equation when Eddy diffusivity theory is used. 

 ( )[ ]
02

22

2 =-ù
ú

ø
é
ê

è

µ

µ
+

µ

µ
COCO R

x

CO
xD

x
e  (3.12) 

The term RCO2 contains all the kinetic (non equilibrium) reactions that CO2 

undergoes in the liquid phase. These include reactions 3.1 and 3.2 and their reverse.  

The assumption that the chemical reaction is fast translates into the assumption 

that all the mass transfer is limited in a small region close to the gas-liquid 

interface, named boundary layer. This assumption is valid for the CO2-MEA 

reaction. 

3.3.1. Pseudo first order models 

The rigorous solution of the mass transfer with chemical reaction problem is 

rather complicated. It requires the solution of many simultaneous equations, as it is 

described later in this chapter.  There are certain situations when it is not necessary 

to deal with the complicacy of a large system of equations, if a few simplifying 

assumptions are satisfied. Assumptions 1 and 2 listed below lead to the pseudo first 

order (PFO) and interface pseudo first order (IPFO) approximations. 

Assumption 1:  the liquid phase driving force (PCO2,interface -P
*
CO2,bulk) is small. 

Assumption 2:  the CO2+MEA reaction is fast enough that CO2 reaches 

equilibrium with the rest of the solution, at its interface composition. 
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The IPFO approximation requires assumption 2; the PFO approximation 

requires assumption 1. In assumption 1 P
*
CO2,bulk is the partial pressure of CO2 that 

would be in equilibrium with the bulk composition at the bulk temperature and 

loading. Small liquid phase driving force implies that the MEA is not significantly 

depleted at the interface and the reaction products do not build up at the interface. 

This assumption translates into the assumption that the concentrations of every 

component in solution, except CO2, can be considered constant in the liquid 

boundary layer.  The assumption of small driving force is relative to the loading; at 

low loading there is a large amount of free MEA in solution, and a high driving 

force is necessary to break the validity of the assumption; at high loading there is 

little free MEA in solution: a very small driving force is required for the PFO 

assumption to be valid. 

 

xCO2

xMEA

xMEACOO
-

yCO2

Gas phase Diffusion region Liquid bulk (chemical 

equilibrium)Reaction sub-layer

PFO

IPFO

 

Figure 3.2. Representation of the PFO and IPFO approximations for 

absorption with fast chemical reaction. 
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Assumption 2 (IPFO) implies that all the reaction of CO2 occurs in a small 

fraction of the boundary layer (that can be called reaction sub-layer), so that the 

CO2 reaches equilibrium with the rest of the solution before the MEA and the other 

species in solution change significantly their concentrations from their values at the 

interface (CO2 reaches an asymptote in this layer). The reaction sub-layer is 

controlled by the kinetics. In the diffusion region the MEA and the ions diffuse 

from and to the bulk; the CO2 concentration changes, because it remains at 

equilibrium with all the other species.  

Both the IPFO and PFO approximations assume that the concentration profiles 

of all the species in the reaction sub-layer, except CO2, are constant. The IPFO 

differs from the PFO approximation in that the profiles are assumed constant at 

their interface value, different from the bulk value. Figure 3.2 gives a graphical 

interpretation to the two assumptions.  

The advantage of PFO and IPFO models is that the flux of CO2 can be derived 

from the analytical solution of equation 3.12, when the two following boundary 

conditions are applied. 

 [CO2] = [CO2] i  @ x=0   for PFO and IPFO  (3.13) 

                    [CO2] = [CO2]
*
bulk        for PFO  or 

                    [CO2] = [CO2]
*
i as xĄ¤, for IPFO  (3.14) 

The x coordinate goes from the interface into the liquid bulk.  

Applying phase equilibrium for CO2 at the interface (equation 2.11), the 

analytical solutions for the CO2 flux are equations 3.15 and 3.16, for PFO and IPFO 

respectively. In equations 3.15 and 3.16 the CO2+OH
-
 reaction was neglected. 

 
( )
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-
=  (3.15) 
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iCOiCO
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-
=  (3.16) 

P
*
CO2,i is the partial pressure of CO2 that would be in equilibrium with the 

composition at the interface. 

The results are often reported as normalized flux kg
I
, defined by equation 3.17. 

 ( )*

,2,22 bulkCOiCO

I

gCO PPkN -=  (3.17) 

It is clear that equation 3.15 can be applied explicitly to calculate the flux, 

because [MEA]bulk can be calculated with an equilibrium model, like the one 

described in chapter 2. Equation 3.16 presents the problem that the concentration of 

MEA at the interface is not known a priori. Diffusion of reactants and products 

needs to be accounted for with mass transfer coefficients for those species. For 

example, for MEA an equation like 3.18 needs to be applied. Equation 3.18 

represents in a simplified way the rate of mass transfer of MEA from the bulk to 

the interface, if a stoichiometric ratio of 1:1 holds for CO2 and MEA.  

 [ ] [ ]
MEAl,

bulk

k

N
MEAMEA CO2

int -=  (3.18) 

The knowledge of kl,MEA and of the mass transfer coefficients for the other species 

is required. Equations 3.16 and 3.18 need to be solved simultaneously. 

If activity based kinetics are used, instead of concentration based kinetics, 

equation 3.16 turns into equation 3.19; the driving force is expressed in terms of 

activity and the Henryôs constant of CO2 is implicit in the activity of CO2. The 

activity coefficient that appears under the square root transforms the concentration 

based diffusivity into activity based diffusivity.  

 ( )*

,2,2

2

2
,22 ][ iCOiCO

CO

CO
iMEACO aa
D

MEAkN -=
g

 (3.19) 
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The activity of CO2 at the gas-liquid interface can be calculated with equation 3.20, 

where gCO2
*
 is the unsymmetric activity coefficient of CO2 and xCO2 the mole 

fraction of CO2. 

 2

*

22 COCOCO xa g=   (3.20) 

The activity aCO2,i
*
 is the activity of CO2 that would be in equilibrium with the 

interface composition. This is easy to define if a single kinetic reaction is 

considered; in this case aCO2,i
*
 is calculated from the equilibrium equation for 

reaction 3.1: 
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3.3.2. IPFO model limitations: parallel reactions and rich conditions 

If the reaction of CO2 with hydroxide is included in the analysis done in the 

previous section, a few changes need to be made. Using activity based kinetics, the 

flux is represented by equation 3.22. 

 ( ) ( )*

,2,2

2

2

,2,22 ][][ iCOiCO

CO

CO
iOHiMEACO aa

D
OHkMEAkN -+= -

-

g
 (3.22) 

The way aCO2,i
*
 is calculated is no longer straight-forward.  The term needs to 

contain both parallel reactions, in such a way that, at equilibrium, aCO2,i=aCO2,i
*
. The 

expression chosen in this work is given by equation 3.23. The same type of 

problem is encountered if equation 3.16 is used to express the flux. 
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It can be shown that, if both reactions are at equilibrium, the right hand side is 

equal to the activity of CO2. KCO2-MEA and KCO2-OH
-
 are the equilibrium constants 

for reactions 3.1 and 3.2. Equation 3.22 is an arbitrary subdivision of the CO2 
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reverse rate between reactions 3.1 and 3.2. This introduces a problem of the IPFO 

approximation; the representation of the reverse rates may not be accurate, when 

more reactions occur in parallel. In the case studied in this work, the rate of the 

CO2+OH
-
 reaction is generally not important, but it is not negligible at high 

loading, when the CO2+MEA reaction becomes slower. This problem is even more 

important in mixed amine solvents, where there are two fast reactions in parallel. 

Another problem of the IPFO approximation is that its validity is questionable 

at high loading, when the rates of CO2+MEA are reduced, because of the low 

concentration of free MEA. In this case it is possible that the CO2 concentration 

profile does not reach equilibrium before the concentrations of MEA and reaction 

products change in the boundary layer, thus breaking the required assumption. 

 

 

3.4. Rigorous boundary layer integration: Bishnoi FORTRAN model 

A rigorous FORTRAN model was developed by Bishnoi (2000) for the 

interpretation of wetted wall column experiments with MDEA and piperazine. The 

code performs a rigorous integration of the boundary layer, in order to get 

concentration profiles for every species in solution. From the concentration profile 

the flux of CO2 can be calculated. The mass transfer model used was the Eddy 

diffusivity theory.  

The FORTRAN program was modified in this work in order to model the 

wetted wall column experimental data with MEA.  Table 3.2 is a summary of the 

inputs and unknowns of the problem, the equations solved and their boundary 

conditions. 
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Table 3.2. Summary of inputs, unknowns, equations and boundary conditions 

for the rigorous integration of the boundary layer with the Bishnoi code. 

Inputs Unknowns Equations Boundary 

conditions 

Temperature [CO2](x) CO2  overall 

material balance 

@ x=0 

NMEA/MEAH
+
 =0 

NHCO3
-
/CO3

- -
=0 

NMEACOO
-
=0 

Equilibrium 

relationships for 

reactions 2.3-2.4-

2.5 

[CO2] i=[CO2] i
0 

Electroneutrality 

MEA 

concentration 

[MEA](x) MEA overall 

material balance 

Loading (a) [MEAH
+
](x) Equilibrium for 

reaction 2.3 

PCO2 [MEACOO
-
](x) Equilibrium for 

reaction 2.4 

Liquid flow rate [HCO3
-
](x) Equilibrium for 

reaction 2.5 

 [CO3
=
](x) Electroneutrality 

 
@ xĄ¤ 

[i] = [i] equilibrium 
[H3O

+
](x) Molecular CO2 

material balance 

[OH
-
](x) MEACOO

-
 

material balance 

 

3.4.1. Simple equilibrium model and physical properties used in the 

Bishnoi FORTRAN model 

The density and viscosity were correlated using the empirical correlations of 

Weiland (1996). Both correlations account for temperature, MEA concentration 

and CO2 loading effects.  The diffusivity of CO2 was related to the viscosity 

according to a Stokes-Einstein correlation (equation 3.24), used previously by 

Pacheco (1998).  
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 (3.24) 

The equilibrium model used in the FORTRAN code was not the rigorous 

Electrolyte-NRTL model described in Chapter 2, but a simple model where the 

activity coefficients were all defaulted to 1 and two adjustable parameters were 
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tuned to match equilibrium data. Due to the poor results in matching the 

experimental data, the model will not described in details here.  

The Henryôs constant used is loading dependent (it corresponds to the term 

gHCO2 in equation 2.11). The correlation used was developed by Weiland (1996).  
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Figure 3.3. Loading effects on diffusivity and Henry's constant of CO2 in 5 M 

aqueous MEA at 40
0
 C. 

 

Figure 3.3 shows that diffusivities and the Henryôs constants are dependent on 

loading. The lines in Figure 3.3 are at 40
0
 C, but the experimental loading 

dependences, obtained from the work of Weiland (1996), refer to a temperature of 

25
0
C.  At different temperatures these dependences are likely to change, especially 

for the Henryôs constant. The loading dependence is an activity coefficient effect, 

thus it is related to liquid phase non-idealities described in Chapter 2. 

There are no data available at higher temperature for CO2 physical solubility in 

loaded solutions. It is recommended that measurements of physical solubility be 
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made in a range of temperatures from 40
0
 C to 60

0
 C, in order to be able to interpret 

the system non-idealities with confidence in an absorber integrated model. 

3.4.2. Results with the Bishnoi model  

Figure 3.4 reports the results of the attempt to reproduce the wetted wall 

column data (Dang, 2001). The Figure reports kg
I
 at 60

0
 C. The model runs were 

made setting PCO2,i to 10 times the P
*
CO2.  The experimental points are compared to 

the results generated with the rigorous Bishnoi model, with the PFO model and 

with the IPFO model. In the case of the IPFO model, the interface composition was 

calculated using the rigorous Bishnoi code.  
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Figure 3.4. Comparison of rigorous model, IPFO model and PFO model for 

kg' at 60
0
C. 

 

The model does not match the experimental data well. This can be due to two 

reasons. First, the simple equilibrium model does not calculate reliable values for 
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the bulk equilibrium composition; secondly, the uncertainty on diffusivity of MEA 

and ions can explain the larger error at high loading, where there is a lot of MEA 

depletion at the interface and the diffusion of MEA and products is important. 

The interesting result of the comparison is that the IPFO model reproduces very 

well the rigorous model. This means that, if the equilibrium model were reliable 

and the diffusivities of MEA and ions were correct, the IPFO model would match 

well the experimental data. The fact that the IPFO model reproduces the rigorous 

model results means that the assumption of reaction much faster than diffusion of 

MEA and products is verified. The knowledge of good values for the mentioned 

diffusivities would allow the use of the IPFO model, which has the advantage of 

converging faster than the rigorous integration.  

From Figure 3.4, it can be seen that the PFO model follows the rigorous model 

well at low loading, as expected, whereas it overpredicts the kg
I
 when the loading is 

higher than 0.2. 

3.5. RATEFRAC kinetic model 

A rate model was developed with RATEFRAC, the ASPEN PLUS module that 

solves packed or tray columns by rigorous rate calculations. Reaction kinetics, 

mass transfer coefficients and heat transfer coefficients are used to determine mass 

transfer rates and heat transfer rates. It is the most rigorous model that ASPEN 

PLUS provides for the solution of columns. The model was customized to 

reproduce the IPFO approximation. 

The diffusivities of the MEA and the ions in solution are estimated by ASPEN 

PLUS. Binary mass transfer coefficients and heat transfer coefficients are 

calculated by ASPEN PLUS using the correlation of Onda et al. (1968).  

RATEFRAC divides any packed column into a user defined number of 

segments, each corresponding to a given height. In this work the segments were 

defined to be well mixed in both the liquid and the gas phase. Given nominal 



 40 

interfacial area for the packing, ASPEN PLUS uses the Onda correlation (Onda et 

al., 1968) to estimate wetted area per unit volume. With the specified column 

diameter and the height of a segment, ASPEN PLUS can estimate the wetted area 

per segment. For the wetted wall column modeling, the wetted area is fixed and 

known, thus the area routine was by-passed and a fixed value was assigned to the 

wetted area.   

On every segment, RATEFRAC performs non-equilibrium material and energy 

balances on the liquid and the gas phases. When non-equilibrium reactions are 

present, ASPEN PLUS requires that a kinetic expression is provided, in order to 

calculate a value for the number of moles of each component reacted on the 

segment, which is then included by ASPEN PLUS into the material and energy 

balances.  

ASPEN PLUS uses film theory to describe the liquid boundary layer.  Unlike a 

rigorously integrated model, RATEFRAC does not calculate compositions between 

the interface and the bulk, but simply calculates the total amount of reaction on a 

segment, averaging the reaction rates at the interface and in the bulk, according to 

equation 3.25. 

 bulkbulki
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õ
æ
ç

å +
=  (3.25) 

nCO2 is the number of moles reacted in a segment, R is the reaction rate, holdupbulk 

is the specified liquid holdup, holdupi is the volume of the boundary layer, 

calculated by ASPEN PLUS using equation 3.26, where d is the thickness of the 

boundary layer, calculated by ASPEN PLUS, aw is the wetted interfacial area per 

unit volume, S is the column diameter, and z is the height of the segment. For the 

wetted wall column, the term awSz is known and constant. 

 Szaholdup wi d=)(  (3.26) 

The bulk reaction term is usually negligible, because the reaction is fast enough 

that chemical equilibrium is reached within the boundary layer. Under this 
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assumption, if equation 3.25 is divided by awSz, the flux is represented by equation 

3.27. 

 d
2

2

i

CO

R
N =  (3.27) 

3.5.1. User kinetic subroutine 

Two bugs in the ASPEN PLUS algorithm needed to be fixed with a user kinetic 

subroutine. The subroutine code is provided in Appendix B for reference.   

If a second order concentration based expression is used for k2 (as in equation 3.3), 

the flux becomes 

 ( )*22,22 ][][][
2

iiiMEACO COCOMEAkN -=
d

 (3.28) 

There are two problems with the formula represented by equation 3.28. The 

first is that there is a first order dependence on k2,MEA and [MEA]i, whereas there 

should be a square root dependence, according to equation 3.16.  

The second problem is that the RATEFRAC model does not have activity based 

kinetics as an option. The concentration driving force ([CO2] i-[CO2] i
*
) is not 

consistent with the Electrolyte-NRTL equilibrium model. [CO2] i
*
 is defined by 

equation 3.29. 
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 When this concentration driving force is zero, the interface is not necessarily at 

equilibrium. This can lead to wrong results if equilibrium is important in any part 

of the column. Activity based kinetics are required to solve this inconsistency. 

Both problems were solved writing a FORTRAN kinetic subroutine for 

RATEFRAC. The routine computes a flux according to equation 3.22, which gives 

the right dependencies to k2,MEA and [MEA]i, and uses activity based kinetics.  The 

diffusivity of CO2, required in equation 3.22, was calculated in the subroutine, with 

the method described by equation 3.24. The viscosity was calculated with the 
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method of Weiland et al. (1996). Equation 3.23 was used to calculate aCO2,i
*
. The 

interface composition is calculated by RATEFRAC iteratively, using built-in 

diffusivities for MEA and the ions. All the activity coefficients are calculated with 

the Electrolyte-NRTL model described in Chaper 2. 

RATEFRAC requires that nCO2, the number of moles of CO2 reacted in a 

segment, is returned to the program; nCO2 is related to the flux NCO2 through the 

wetted area, the column cross-sectional area and the segment height, according to 

equation 3.30. 

 SzaNn wCOCO 22 =  (3.30) 

The wetted area is calculated in the subroutine, using the correlation of Onda et al. 

(1968). 

3.5.2. Results with the RATEFRAC model 

The  FORTRAN subroutine discussed above was used to model the wetted wall 

column data of Dang (2001). The rate constant k2,MEA was adjusted in order to 

match the experimental kg
I
. The adjustment factor (AF) is defined in equation 3.31. 
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k2,MEA is the rate constant of Hikita et al. (1977). The normalized flux, not the flux 

was matched, so that equilibrium mismatch was not accounted for in the correction. 

At low loading the normalized flux is almost independent of the diffusivities of 

MEA and reaction products (the PFO approximation is valid). The low loading data 

were used to adjust the kg
I
 calculated with the Hikita kinetics. The adjustment 

factor corrects for uncertainties on the rate constant, the diffusivity of CO2, the 

activity coefficients and the Henryôs constant. The adjustment factor takes the form 

of equation 3.32.  The temperature dependence of AF reflects the need of different 

corrections at 40 and 60 
0
C. The data at higher loading were modeled with the 

adjusted kg
I
.  
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This correction translates into a factor of 5 at 40 
0
C and a factor of 2.3 at 60 

0
C. 

This correction is significant and it can be attributed to the increased solution ionic 

strength in loaded solutions. This is consistent with the results of Pinsent et al. 

(1956), who showed that ionic strength as 1 M NaCl increased the reaction rate of 

CO2 with ammonia by a factor of 3.  

Table 3.3 reports the simulation results for the four data sets collected by Dang 

(2001). The temperature, loading and gas bulk PCO2 were used as inputs; the driving 

force was calculated in ASPEN using the built-in correlation for gas phase mass 

transfer coefficient and the regressed Electrolyte-NRTL equilibrium model.  

Figures 3.5 through 3.9 show the results graphically.  

It is important to reproduce the experimental temperature dependence of kg
I
, in 

order to build a reliable model for a non-isothermal absorber. As it can be seen 

from Table 3.3, kg
I 
increases with temperature. The temperature dependence in the 

adjustment factor corrects for uncertainties in the temperature dependences of 

Henryôs constant, CO2 diffusivity and activity coefficient.  

The plots show that the data at low loading are reproduced accurately by the 

model. This is expected, because the model was adjusted based on these data. The 

data at high loading, instead, are underpredicted by approximately 100%. Two 

reasons could be the cause of this problem.  The first reason is related to the fact 

that, at 0.5 mol CO2/mol MEA, the diffusivity of MEA and ions determines the 

flux; if the diffusivities are underpredicted, the flux is underpredicted. The second 

reason relates to the reliability of the experimental data at high loading. It is 

difficult to measure high loading accurately, because of the high tendency of CO2 

to desorb.  

Table 3.3. RATEFRAC  modeling results of Dang's data. 

 T (0C) Loading (Pi-Pbulk
*) (atm) Fluxexp  (mol/cm2s) kg

I
 (mol/cm2 atm s) 
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Exp              Calc Exp             Calc  Exp          Calc 

 

40 0C 

a=0.3 

40 0.297 9.02E-04 9.47E-04 1.88E-08 1.92E-08  

2.02E-5 

 

2.00E-5 
40 0.297 1.10E-03 1.14E-03 2.16E-08 2.29E-08 

40 0.297 1.24E-03 1.32E-03 2.55E-08 2.63E-08 

40 0.297 1.41E-03 1.48E-03 2.84E-08 2.97E-08 

 

 

40 0C 

a=0.5 

40 0.521 3.27E-01 Not conv. 8.71E-07 Not conv. 3.56E-6 Not conv. 

40 0.514 2.99E-01 Not conv. 1.07E-06 Not conv. 3.83E-6 Not conv. 

40 0.512 2.78E-01 Not conv. 1.35E-06 Not conv. 4.50E-6 Not conv. 

40 0.509 2.45E-01 3.85E-01 1.50E-06 8.22E-07 4.59E-6 2.13E-06 

 

 

60 0C 

a=0.3 

60 0.28 4.05E-03 4.96E-03 9.72E-08 1.25E-07  

2.45E-5 

 

2.48E-5 
60 0.287 5.07E-03 6.12E-03 1.23E-07 1.52E-07 

60 0.291 6.04E-03 7.25E-03 1.50E-07 1.78E-07 

60 0.292 7.13E-03 8.46E-03 1.76E-07 2.07E-07 

60 0C 

a=0.5 

60 0.536 1.56E-01 1.45E-01 6.10E-07 3.47E-07 3.90E-06 2.4E-06 

60 0.531 1.94E-01 1.97E-01 9.28E-07 4.96E-07 4.79E-06 2.5E-06 

60 0.529 2.22E-01 2.25E-01 9.51E-07 5.29E-07 4.28E-06 2.3E-06 
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Figure 3.5. Results of the RATEFRAC  model at 40
0
 C and loading of 

approximately 0.3. 
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Figure 3.6. Results of the RATEFRAC  model at 60 
0
C and loading of 

approximately 0.3. 
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Figure 3.7. Results of RATEFRAC  model at T=40
0
C and loading of 

approximately 0.5. 
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Figure 3.8. Results of the Retefrac model at 60
0
 C and loading of 

approximately 0.5. 

 

 

3.6. Recommendations 

The results shown in this chapter suggest that the rate model still needs 

improvements. The limited amount of experimental data does not allow a 

regression of parameters. More experiments with the wetted wall column and 

loaded 5 M MEA are recommended in order to regress the dependence of kg
I
 on 

loading.  

The fact that there are no data for physical solubility in loaded solutions at 

absorber temperature represents a weakness of the model. Measurements of CO2 

physical solubility in loaded solutions of aqueous MEA are therefore 

recommended.  

The model also needs better values of MEA diffusivity in the aqueous solution. 

Wetted wall column experiments at high loading could be used to estimate the 

value of the diffusivity of MEA at different temperatures and loadings. 
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Chapter 4                                 

Integrated Modeling 

 

 

 

 

 

 

 

 

 

The thermodynamic model and the rate model described in chapters 2 and 3 

were used to model the absorber and the stripper of the CO2 removal process 

described in chapter 1.  Figure 4.1 shows the absorption/stripping process. The 

values shown in the Figure were measured in a commercial plant (Bellingham), 

which was used as a base case. The values are reported in Won et al. (1999).  The 

heights of the columns and the type of packing are not reported here, because they 

are proprietary information of Fluor Corp.  The reboiler duty is reported normalized 

to the number of moles of CO2 removed; the values are divided by a typical 

operating value, which will not be disclose because proprietary information of 

Fluor Corp. This reboiler duty will be referred to as relative specific reboiler duty 

and will be indicated with Qrel. 

The base case MEA concentration in the solvent is 30 wt% on an unloaded 

basis. A characteristic of the base case solvent is that, during the test days, it was 

partially degraded to heat stable salts. The heat stable salts will be defined and 

covered later in this chapter.  The concentration of 30 wt% is considered heat stable 

salt free. The base case was run with 3.5 wt% heat stable salts. 

The base case is a low CO2 process (3.13 mol%), typical of gas turbine 

exhausts. The removal of CO2
 
in the absorber is approximately 85%, leading to a 

CO2 partial pressure in the vent of approximately 40 mmHg. The absorber operates 
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at 1 atm, with the inlet gas at 2 psig in order to overcome the pressure drop in the 

column. The flue gas coming from the turbine exhausts at 1 atm and 240 
0
F is 

cooled to 115 
0
F in a water saturator; it goes through a blower that compresses it to 

2 psig and the temperature increases to 145
0
F.  The absorber pressure is kept as 

close as possible to 1 atm, because the compression costs can be prohibitive at 

higher pressure.  
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Figure 4.1. Base case absorption/stripping process with 30 wt% aqueous MEA 

(Bellingham plant). 

 

As described in chapter 1, the stripper pressure is higher, because this increases 

the fraction of the heat duty that is used to desorb CO2, compared to the fraction 

that goes into evaporation of water. The other reason for operating at higher 

pressure is that CO2 needs to be sent to further processing or disposal. Operating at 

lower pressure would require more compression of CO2 downstream. 
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Higher pressure requires higher temperatures. The cross heat exchanger heats 

the rich solvent to stripper temperature. The steam operated reboiler provides the 

remainder of the energy required to heat the solvent (sensible heat), along with the 

heat required to generate stripping steam and the heat required to reverse the 

CO2+MEA reaction. 

The absorber and stripper column models are now described separately. 

4.1. Absorber models 

The absorber column was modeled in two different ways. One way uses the 

RATEFRAC model developed for the wetted wall column (described in section 

3.4). The second way uses ASPEN RADFRAC and stage efficiencies calculated 

with the Bishnoi FORTRAN model (described in section 3.3). Only RATEFRAC 

was used to model the overall process, but the RADFRAC model provides an 

interesting alternative way to represent the absorber, and it will be described in this 

chapter. 

4.1.1. RATEFRAC model 

The RATEFRAC model for the absorber column uses the same principles 

explained in section 3.4 for the wetted wall column model. The difference is that 

the gas-liquid interfacial area is not fixed for the column. The packing used was 

specified in the packing specification form in the RATEFRAC interface, and the 

interfacial area was calculated by ASPEN PLUS, using the correlation of Onda et 

al. (1968).  Twenty segments were used to represent the packing. They were 

defined to be well mixed in both gas and liquid phases. The solvent enters the 

column at the first segment, the flue gas enters at the bottom segment. 

The choice of 20 segments was based on an analysis done on the single base 

case absorber column. The number of segments was increased from 10 up to when 

the predicted CO2 removal was not affected by the number of segments 

significantly.  Going from 20 to 30 segments, the removal changed by 1 %.  A 
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higher number of segments could give more accurate results, but the computation 

time would be too long. 

The kinetic subroutine was the same used for the wetted wall model.  An input 

file for the base case simulation (of the whole process) is included in Appendix C. 

It does not include the data that are proprietary to Fluor Corp. 

Using the same kinetic constants as in the wetted wall column, the simulation 

did not match successfully the plant base case data. The performance was slightly 

underpredicted. The flux predicted by equation 3.22 was multiplied by an 

adjustment factor to reproduce the plant data. Two arguments can be used to 

explain the necessity of an adjustment factor. 

1. The correlation of Onda et al. (1968) may not be satisfactory for this 

type of packing. The Onda model predicts a wetted area of 

approximately one half of the total area for the packing used. The 

adjustment factor would imply a wetted area greater than 50% of the 

total area.  Measurements of wetted area are needed to prove this 

hypothesis. 

2. The issue of wrong diffusivities for MEA and ions, described in section 

3.4, can cause underprediction of absorption rates at high loading. The 

absorber bottom, in this base case, is at loading of 0.42. At this value of 

loading the diffusivities of MEA and reaction products can be 

important.  

It is impossible to attribute the error to one specific reason, unless more 

measurements are made.  All the results must be interpreted with caution: if the 

main cause of the error is wrong calculated wetted area, it is likely that, as the 

conditions change, the factor still holds and the results are reliable; if the main 

cause of the error is wrong diffusivities, then a constant correction factor is likely to 

overpredict performance at low loading and to underpredict performance at high 
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loading. This is because at low loading the diffusivities are unimportant, whereas 

they are rate controlling in absorbers that operate at high loading. 
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Figure 4.2. McCabe-Thiele diagram for Bellingham base case absorber, outlet 

gas PCO2  compared to plant value, kg
I
 adjusted, heat stable salts included in 

analysis. 

 

Figure 4.2 is the McCabe-Thiele diagram derived for the base case absorber 

column with the RATEFRAC model. The point on the diagram represents the base 

case outlet CO2 concentration, measured at the Bellingham plant.  It can be 

observed that the absorber does not pinch in any point of the column. An 

equilibrium pinch is defined as a point in a column where the driving force is very 

small, and equilibrium and operating lines are close to each other. Pinches are often 

associated to several stages, or segments, that achieve little or no removal.   

The equilibrium line in Figure 4.2, like those of all the McCabe-Thiele 

diagrams that will follow, was derived by calculating PCO2
*
 with a bubble point 
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calculation, using the liquid temperature and composition of three segments in the 

column. A FLASH block in ASPEN PLUS was used to calculate the bubble point. 

The equilibrium model was the Electrolyte-NRTL model described in Chapter 2. 

4.1.2. RADFRAC model 

ASPEN RADFRAC is the ASPEN PLUS module that solves equilibrium stage 

columns. The absorber column in the CO2 removal process is a packed column, and 

it has limited absorption rates. An equilibrium stage model cannot be applied 

directly to this process.  Stage efficiencies need to be used, in order to account for 

finite rates. The transition packing-stage is done assigning a fixed height of packing 

to a stage, and treating that height of packing as well mixed in both gas and liquid 

phase (this assumption is followed also in RATEFRAC). The Murphree stage 

efficiency is defined as 
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 (4.1) 

where yin and yout refer to Figure 4.3 and y
*
 is the gas phase mole fraction that 

would be in equilibrium with the liquid leaving the stage (xout). 

  

Figure 4.3. Packing height assigned to a RADFRAC stage. 
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More physically meaningful efficiencies were defined by Pacheco (1998) as 

modified Murphree efficiencies, given in terms of partial pressures (equation 4.2). 
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 (4.2) 

The modified efficiency is more meaningful, because the driving forces are defined 

in terms of partial pressure, and the total pressure in equilibrium with the liquid is 

different from the total pressure of the stage. The modified efficiency can be 

expressed in terms of mole fractions, like in equation 4.3. 
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 (4.3) 

Peq is the total pressure in equilibrium with the liquid and P is the system total 

pressure. As described by Pacheco (1998) there are cases when these can be 

significantly different. 

The modified efficiency defined by equation 4.2 can be calculated using the 

Bishnoi FORTRAN model, according to equations 4.4 and 4.5. Equation 4.4 can be 

derived with a differential material balance on the liquid phase. 
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Kg is the overall mass transfer coefficient, kg is the gas phase mass transfer 

coefficient, and kg
I
 was defined by equation 3.17. In equation 4.4 aw is the wetted 

area per unit volume, S is the column cross sectional area, P is the total pressure of 

the stage, z is the height of packing assigned to the stage, G is the gas mole flow 

rate. 
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The Bishnoi model provides kg
I
; kg and aw are obtained from Ondaôs 

correlations (Onda et al., 1968).  For this work Z was assigned an arbitrary value of 

2.5 ft. 

The modified efficiencies were provided to the ASPEN PLUS model, but 

ASPEN PLUS uses standard Murphree efficiencies (defined in equation 4.1). It is 

likely that the Bellingham model is not affected heavily by the error introduced, 

because this particular absorber is not pinched, which means that P
*
CO2<<PCO2 in 

every point of the column, and effm@eff. 

The solution of the absorber column requires iterations on the RADFRAC 

model and the Bishnoi model, because the latter requires temperature and 

composition profiles in order to calculate efficiencies. Figure 4.4 shows the 

iterative process. 

 

Figure 4.4. Block diagram of RADFRAC model of Bellingham absorber. 
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The heat stable salts were not included in the RADFRAC model. This could 

cause an overprediction of absorber performance (see section 4.2). 
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Figure 4.5. Liquid t emperature, loading, efficiency profiles for the Bellingham 

absorber from the simulation with RADFRAC and the Bishnoi model, 3.13 % 

CO2, 30 wt% MEA, lean loading 0.16, heat stable salts not included in 

analysis. 

 

Figure 4.5 shows some results of the simulation of the Bellingham base case. 

Liquid temperature, loading and efficiency profiles are shown. The left end of the 

plot represents the top of the absorber. The lean loading and the lean solvent rate 

were fixed at the Bellingham base case values (0.16 and 4.0 cum/min respectively). 

The calculated removal is 88.7%.  Three curves were plotted, for three different 

heights of packing assigned to a stage (1.7, 2.5 and 4.1 ft/stage). Intuitively the 

efficiency increases with the height of a segment (according to equation 4.4). The 

efficiency profile is decreasing going down the column. This is a consequence of 
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the fact that the CO2 loading increases, reducing the free MEA in solution, thus 

reducing kg
I
 and the efficiency.  

The loading profile is smooth from lean end to rich end. Changes in the height 

of a stage do not affect the loading profile significantly.  

The liquid temperature profile presents a typical bulge shape. This is due to the 

fact that the exothermic reaction produces heat and the heat is absorbed by the 

liquid and gas streams. The position of the bulge is, in this particular case, close to 

the top of the absorber. This means that the liquid absorbs most of the heat in the 

top stages. In fact, at low CO2 content in the flue gas, the liquid flow in the column 

is relatively small, thus the liquid heat capacity is small. As a consequence the 

liquid temperature gradient at the top of the absorber is very steep. Even though the 

reaction occurs throughout the column, the temperature starts to decrease in the 

middle of the column, because the liquid is cooled by the flue gas flowing up the 

column.  

From Figure 4.5 it is clear that the temperature profile is different for the three 

different heights of a stage. This is a consequence of the fact that RADFRAC 

assumes that the heat transfer efficiencies are 100%, even if the mass transfer 

efficiencies are limited. Under this assumption the heat transfer is overpredicted if 

the height of a stage is small. In the case of 1.7 ft/stage the temperature increases 

faster at the top of the column and the heat is dissipated faster at the bottom. 

In Figure 4.6 a comparison between the RADFRAC and RATEFRAC predicted 

temperature bulges is presented, for the cases of 3.13 mol% CO2 (base case) and 

10.3 mol% CO2. The 10.3 % case was run at 90% removal, with an (L/G)mass of 

2.6. The difference between the two models is that RATEFRAC perform rigorous 

heat transfer calculations, whereas RADFRAC assumes thermal equilibrium on a 

stage. In both cases RATEFRAC predicts a larger temperature bulge, with a higher 

maximum and a slower dissipation at the bottom of the column. The 10% CO2 case 

presents a wider temperature bulge than the 3% case. This can be explained with 
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the fact that, at higher CO2 content, there is more reaction occurring; a higher liquid 

heat capacity absorbs the extra heat of reaction, but the gas rate is the same as the 

3% CO2 case, thus the cooling capacity of the gas is reduced. 
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Figure 4.6. Absorber liquid temperature profiles for 3.13 mol%-85% removal 

(base case) and 10.3 mol%-90% removal.  RATEFRAC  and RADFRAC 

results are compared. 
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4.2. Stripper model and heat stable salts 

 

Figure 4.7. Scheme of the RATEFRAC  stripper model. 
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changed by approximately 3 %.  The reboiler, which was modeled as an 

equilibrium stage included in the RATEFRAC column, was set to operate with the 

heat duty necessary to obtain a specified lean loading. The partial condenser, 

modeled also as equilibrium stage but separately from the rest of the column, 

condenses part of the water present in the vapor at the top of the column and 

returns it to segment 1 of the column, which represents a water wash.  The 

condenser is modeled as a heater at constant temperature of 120 
0
F (50 

0
C), which 

keeps the percentage of water in the gas stream leaving the column approximately 

at 7 mol%. The rich solvent is fed on top of segment 2 (óabove stageô option in 

ASPEN PLUS) and is flashed by ASPEN PLUS at its temperature and at the 

pressure of segment 2, in order to calculate the feed vapor fraction and 

composition. The liquid fraction is fed into segment 2, the vapor fraction is fed into 

segment 1.  Segments 2 through 19 represent the packing part of the column. The 

base case operates with a reboiler pressure of 1.7 bar and with a column pressure 

drop of 15 KPa. 

4.2.1. Instantaneous reactions approximation and gas phase 

resistance 

Kinetics were not used in the stripper, due to convergence problems in the 

kinetic algorithm at higher temperature. At the operating temperatures of the 

stripper (110 
0
C-120 

0
C) the reactions are faster, thus they were modeled as 

instantaneous.  An analysis was done to estimate the error produced by this 

approximation. As explained in section 3.3.1, the IPFO approximation divides the 

boundary layer into two regions, one controlled by reaction rates and one controlled 

by diffusion of reactants and products. The liquid phase mass transfer resistance is 

determined by the resistances of the two regions in series (equation 4.6). 

 instIPFOliquid RRR +=  (4.6) 
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RIPFO is the resistance of the reaction sub-layer, Rinst is the resistance of the 

diffusion region, where the reactions are instantaneous. Equation 4.6 turns into 4.7 

when mass transfer coefficients are introduced. 

 
I

instg

I

IPFOg

I

g kkk ,,

111
+=  (4.7) 

The IPFO (kinetic controlled) term is given by equation 4.8, if concentration based 

kinetics are used. 

 
2

22

,

][

CO

COiI

IPFOg
H

DMEAk
k =  (4.8) 

All the symbols have been introduced in chapter 3. 

The instantaneous coefficient can be calculated using equation 4.9, derived in Dang 

(2001), and valid for small driving forces. 
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The instantaneous coefficient depends on the partial derivative of the equilibrium 

partial pressure with respect to the CO2 total concentration. It also depends on the 

physical mass transfer coefficient of the reaction products and MEA, kl,
0
prod. The 

derivative was obtained running the Electrolyte-NRTL model described in chapter 

2; kl,
0
prod was obtained from the correlation of Onda et al. (1968), using the 

diffusivity of MEA, as representative of that of all the reactants and products, and 

the values of liquid and vapor rates of the base case (L=73.8 Kg/s, V=6.4 Kg/s). 

The diffusivity of MEA was calculated from that of MDEA (Rowley, 1999), with a 

correction for molecular weight, multiplying by a factor of 1.5.  

The error done by assuming equilibrium reactions in the stripper can be 

estimated by calculating the fractional resistance of the instantaneous term. The 

approximation is good if the fraction is close to 1. 
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In the analysis some approximations were made. The loading dependences in 

equation 4.8 were neglected, and the values for Henryôs constant and diffusivity of 

CO2 were those in pure water. The correlations were those of Versteeg et al. 

(1998). The rate constant was that of Hikita (1977), multiplied by a constant value 

of 5 to represent the correction based on Dang (2001), described in chapter 2. 

Because equation 4.9 is valid only at small driving force, [MEA] i was 

approximated with [MEA]bulk. Table 4.1 shows the result of the analysis, done for 

60 
0
C and 120 

0
C.  At 60 

0
C the instantaneous resistance is always negligible. At 

120 
0
C it is controlling at high loading, but at low loading the kinetic resistance 

accounts for almost 70% of the total resistance. 

Table 4.1. Analysis of importance of the kinetics at absorber and stripper 

temperature. 

T (
0
K) Loading 

molCO2/mol MEA  

1/kg
I
,IPFO 

cm
2
s atm/mol 

1/kg
I
,inst 

cm
2
s atm/mol 

Fraction  

instantaneous 

333 0.2 1.87E+3 1.07E+1 5.71E-3 

393 0.2 8.69E+2 4.04E+2 3.18E-1 

333 0.4 3.91E+3 4.62E+2 1.06E-1 

393 0.4 2.04E+3 1.07E+4 8.39E-1 

 

The conclusion that can be drawn from this section is that the stripper model 

contains a source of error, that tends to overpredict the column performance, since 

part of the resistance is neglected. This problem becomes more important as the 

lean loading gets lower.   

Since the reactions in the stripper are considered instantaneous, what limits the 

mass transfer in the stripper is  the diffusion of reactants and products, along with 

the gas phase resistance.  
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The error introduced by the use of instantaneous reactions is higher if the gas 

phase resistance is smaller. The gas phase resistance in the stripper is between 50% 

and 70% in the base case stripper. This shows that the error is not negligible, 

because the mass transfer is not completely controlled by the gas phase. 

Figure 4.8 shows the fractional resistance profile in the base case stripper, along 

with loading and vapor flow profiles. The gas phase resistance was calculated from 

the ASPEN PLUS simulation results of the base case. 
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Figure 4.8. Gas phase resistance, loading and vapor rate profiles for the base 

case stripper. 

 

The gas phase resistance tends to increase as the loading decreases. This is 

related to the fact that kg
I
 (equation 3.17) is higher at low loading, thus the liquid 

resistance due to reaction kinetics is smaller.  The gas phase resistance tends to 

increase as the vapor flow rate decreases. This can explain the minimum seen in 

Figure 4.8, which is due to the combined effects of loading and vapor flow rate. 
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4.2.2. Heat stable salts 

The regressed vapor-liquid equilibrium model described in chapter 2 becomes 

very important in the stripper model. The regressed VLE model is very sensitive to 

the presence, in solution, of heat stable salts (HSS). These are defined as any salts 

formed by neutralizing MEA with a strong acid. The fact that the acid is strong is 

what makes these salts stable. Once they are formed, they do not go back to MEA 

and acid unless a strong base is used. This means that, in a conventional 

absorption/stripping process, the heat stable salts keep circulating with the solvent 

once they are formed.   

The heat stable salts are products of degradation, and can be present as sulfates 

or formates. In this model they were modeled as formates, formed according to 

equation 4.11.  

 -+­+ HCOOMEAHHCOOHMEA  (4.11) 

The concentrations of HSS are normally reported as concentrations of 

neutralized MEA, because the anion is not known, and more anions could be 

present simultaneously.  In this work the heat stable salts are reported as fraction of 

total MEA. 

The presence of heat stable salts in solution is due to addition of a strong acid to 

it. The MEA becomes partially neutralized and therefore less effective for CO2 

removal: the absorber performance is reduced.  In the stripper the reaction from 

carbamate to MEA and CO2 is favored by the addition of an acid in solution: the 

stripper performance is enhanced. For a given total MEA concentration the 

equilibrium partial pressure of CO2 is higher in the presence of heat stable salts, 

because equilibrium is shifted towards the acid species (such as CO2). 

In the presence of heat stable salts, the definition of loading is slightly different 

from the one seen so far.  It is important to distinguish between total MEA and 
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active MEA, that is the portion of the total MEA that is not neutralized into heat 

stable salts. 

 
][][

][ 2

HSSMEA

CO
Loading

tot-
==a  (4.12) 

A heat stable salt loading is defined: 

 
totMEA

HSS

][

][
=b  (4.13) 

The base case was run with b=0.1.  

In order to understand qualitatively how the heat stable salts can affect 

equilibrium, a simplified model was set up, where the only reaction occurring is 

4.14: 

 +-+ª+ MEAHMEACOOMEACO 22  (4.14) 

At low loading this reaction can practically describe the speciation thoroughly, 

because the concentrations of all the other species, including bicarbonate, are 

negligible. If the equilibrium expression for reaction 4.14 is written and rearranged 

to give the partial pressure of CO2, equation 4.15 is generated. 

 ()
( )( )( )

( )( )
2CO

ɓ12Ŭɓ1

ɓɓ1Ŭɓ1Ŭ
ŬKP 2

---

+--
@  (4.15) 

K(a) is a pseudo equilibrium constant, composition dependent. Its loading 

dependence can be derived from experimental data (Jou et al., 1995). At 120 
0
C, 

K(a) has the expression given by equation 4.16.  

 ( )KPaK
a

a
6.11

)( =  (4.16) 

Plotting PCO2 versus CO2 loading, at different HSS loadings, different isothermal 

equilibrium curves can be generated. Figure 4.8 shows three different isothermal 

equilibrium lines (120 
0
C), for b=0, 0.1 and 0.2, at constant active MEA 

concentration: the heat stable salt was added on top of a 30 wt% MEA solution. 

Clearly the equilibrium lines are shifted up by the presence of heat stable salts. This 
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is intuitive: adding a strong acid to the solution, the CO2 evolves into the gas phase. 

The points on the plot represent the experimental data of Jou et al. (1995) at 120 

0
C.  The straight line is an estimated operating line, derived from the reboiler duty.  
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The vapor mole flow generated in the reboiler (V) is proportional to the reboiler 

duty (Qr); it is practically steam, so DHH2O
vap

 is the heat of vaporization of water at 

reboiler conditions. L is the liquid mole flow. 
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Figure 4.9. Isothermal stripper equilibrium lines at 120
 0

C at different HSS 

loadings and Bellingham operating line, fixed (L/G) mass=0.78, fixed lean 

loading=0.16, HSS added to 30 wt% MEA. 

 

From Figure 4.9, it can be seen that the Bellingham operating line is not 

compatible with a solvent free of heat stable salts. The equilibrium curve with b=0 

intersects the operating line. A higher reboiler duty (approximately 1.5 times) 
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would be required to lower the slope of the operating line, so that it stays below the 

operating line. The curve with b=0.1 is perfectly compatible with the operating 

line, with an equilibrium pinch at approximately 0.24 mol CO2/mol MEA. At 

b=0.2, the equilibrium line is even higher. The reboiler duty could be lowered 

more, and still be compatible with the operating line. 

Figure 4.9 shows only qualitatively why the Bellingham base case reboiler duty 

cannot be matched unless heat stable salts are accounted for. Figure 4.10 is the 

McCable-Thiele diagram derived from a rigorous RATEFRAC run, where the heat 

stable salts are modeled as MEAH
+
HCOO

-
 and the Electrolyte-NRTL parameters 

of HCOO
-
 are arbitrarily  set at the same values of MEACOO

-
 (reported in Table 

2.3). In the Figure the McCabe-Thiele diagram is shown for both b=0 and b=0.1. 

The dashed lines are operating lines, the continuous lines are equilibrium lines. By 

adding 10% heat stable salts on top of a 30 wt% MEA solvent, at fixed solvent rate 

and lean loading, the reboiler duty is reduced by approximately 40%.  

This hints that there can be benefits from adding acid to the solvent. Kohl and 

Nielsen (1997) showed that in gas purification processes acids have been added to 

enhance the stripping of amine solutions.  Carey (1990) showed that partial 

neutralization of the amine with sulfuric acid can improve performance of an 

absorption/stripping system for H2S.  The combined effects of the heat stable salts 

on absorber and stripper will be analyzed in details in Chapter 5. 

Another interesting result of the rigorous RATEFRAC simulation of the 

stripper is that, upon adding heat stable salts, not only does the equilibrium curve 

rise, but the equilibrium pinch is removed, with an operating line that follows the 

equilibrium line without becoming too close to it.  

In Figure 4.10, like in all the stripper McCabe-Thiele diagrams in this work, the 

operating line is extrapolated to the point (alean,0), even though there is no vapor 

below the reboiler, and an operating line is not defined. The point (alean,0) is where 

the operating line tends, if linearly prolonged to the loading axis. 
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Figure 4.10. McCabe-Thiele diagrams for Bellingham stripper at b=0 and 

b=0.1. Results from rigorous RATEFRAC  simulation, fixed (L/G)mass=0.78, 

fixed lean loading=0.16, HSS added to 30 wt% MEA. 

 

 

 

4.3. Combined absorber and stripper model 

Figure 4.10 shows the schematic of how the absorber and stripper were 

combined in the ASPEN model.  

The stream inputs are flow rate, temperature, pressure and composition of the 

flue gas and the lean solvent entering the absorber. 
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Figure 4.11. Schematic of the absorption/stripping model. 

 

The cross heat exchanger was modeled with two separate HEATER blocks in 

ASPEN PLUS, HE1 and HE2. The specifications are shown in Figure 4.10 in the 

boxes. HE1 has a temperature specification, fixing the approach to equilibrium at 

20 
0
F (11 

0
C). HE2 has a duty specification, such that the duties of HE1 and HE2 

are matched.  

The solvent loop is not closed in the model. In order to reduce the computation 

time, the lean stream was not connected from the stripper to the absorber. The lean 

stream into the absorber represents an input to the model. The lean stream coming 

from the stripper is forced to match the one entering the absorber, through DESIGN 

SPECIFICATIONS blocks and CALCULATOR blocks in ASPEN PLUS.  The 

MEA material balance is closed with a design specification, which calculates the 

amount of make-up MEA required. The water balance is closed with a 
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CALCULATOR block, which computes the amount of water leaving in the ñexcess 

waterò stream, arbitrarily taken from the stripper reflux stream. The CO2 material 

balance is closed with a design specification on the reboiler duty, which is varied to 

match the lean loading at the stripper bottom with the one specified in the absorber 

solvent feed. 

More details on the model can be found in Appendix C, where C.1 is an input 

file for the base case; C.2 is a summary of the input parameters necessary to run the 

model; C.3 shows the ASPEN PLUS process flow diagram; C.4 contains detailed 

results for the base case; C.5 contains detailed results for one of the high CO2 cases 

described in chapter 5; C.6 gives hints on how to get the model to converge.   

The model was used to simulate the Bellingham base case and three test runs 

done at the same plant. The results are summarized in Table 4.2, where the dark 

cells represent the process parameters that were fixed at the measured values. The 

most important outputs are the CO2 removal and the reboiler duty. The removal is 

usually a specification and needs to be respected. The reboiler duty per mole of 

CO2 recovered is the measure of the energy required to run the process. A CO2 

removal process downstream of a power plant can significantly reduce the power 

plant efficiency.  It is important to be able to reproduce the correct reboiler duty 

with a model, if the goal of the model is to design a process with reduced energy 

requirements. In chapter 5 an optimization will be discussed, in order to keep the 

reboiler duty as low as possible at different operating conditions. 

The results of Table 4.2 show that the reboiler duty is overpredicted by up to 

10-15% in the base case and in test runs 1 and 3. In test 2 the overprediction 

approaches 50%. It can be guessed that wrong diffusivities calculated by ASPEN 

PLUS or wrong gas phase mass transfer coefficients can be the cause of a 10% 

overprediction of the reboiler duty. Another possible explanation is that the 

enthalpy of absorption calculated by ASPEN PLUS could be overestimated in the 

model. In test run 2 it is more likely that some measurements produced wrong 
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values, confirmed by the fact that the measured material balance does not close 

very well for this case (Won et al., 1999). 

A base case for high CO2 flue gases is reported in Appendix D.  For this case 

the kinetics were left at the value adjusted from the data of Dang (2001). 

.  

Table 4.2. Summary of results of simulation of Bellingham base case and test 

runs. 
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Chapter 5                                                          
Process Analysis and Optimization 

 

 

 

 

 

 

 

 

 

5.1. Reboiler and heat requirements 

The RATEFRAC model described in chapter 4 for the absorption/stripping 

process was used to perform sensitivity analyses on the process variables and, 

ultimately, to optimize the process in terms of energy requirement.  As pointed out 

in chapter one, the energy requirement is the main weakness of the CO2 removal 

process. The goal of the analyses described in this chapter is to find operating 

conditions and process designs that permit CO2 removal with a smaller energy 

input. All the runs done to perform the analyses described in this chapter develop 

from the base cases described in chapter 4 and appendix C, for 3% and 10% CO2 

respectively. 

The process requires energy in two points, the stripper reboiler and the blower 

that pushes the flue gas into the absorber. The blower energy requirement is fixed, 

given by the flue gas flow rate and the absorber pressure drop. The reboiler duty, 

on the other hand, changes significantly with process conditions.  The optimum 

operating point, in this work, is the point that operates at the minimum reboiler 

duty, for a given amount of CO2 removed. 

The process variables whose effects on the reboiler duty were analyzed in this 

work are the solvent rate, the heights of the columns, the CO2 concentration in the 

flue gas, the ratio of heat stable salts to total MEA, and the stripper pressure. 
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Different operating conditions were compared at fixed CO2 removal. The removal 

is usually a design specification, therefore it was not considered as an optimization 

variable in this work. 

The reboiler is the focus of this energy minimization, thus some insight is 

needed to understand what affects it.  Equations 5.1 and 5.2 represent the breakup 

of the reboiler duty, obtained from a simple energy balance across the stripper.  

 heatsensiblegenerationsteamCOdesr QQQQ ++= 2,  (5.1) 

The heat, provided by condensing steam in the reboiler, is used to reverse the 

CO2+MEA reaction (Qdes, CO2), to generate steam in the reboiler (Qsteam generation), and 

to heat the solvent from the temperature at the inlet to the reboiler temperature 

(Qsensible heat). 

 ( ) ( )
topbottompOHvapOHCOabsCOr TTLcHnVHnQ -+D-+D-= 2,22,2  (5.2) 

Qr is the reboiler duty. DHabs,CO2 is the heat of absorption of CO2. DHvap,H2O is the 

heat of vaporization of water. nCO2 is the number of moles of CO2 desorbed in the 

stripper. nH2O is the number of moles of water that condense in the column, V is the 

vapor mole flow in the reboiler, L is the liquid mole flow in the reboiler, assumed 

to be approximately the same as the solvent feed rate. cp is the liquid specific heat, 

and Tbottom-Ttop is the temperature difference between top and bottom of the 

stripper.  Equation 5.2 accounts for the fact that water is condensing in the column. 

In this work the reboiler duty is always reported normalized to the moles of CO2 

recovered (equation 5.3) 
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 (5.3) 

An energy balance around the reboiler generates equation 5.4. 

 OHvapr HVQ 2,D=  (5.4) 
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Combining equations 5.2 and 5.4, equation 5.5 is obtained, showing that, in the 

column, the sensible heat and the heat to reverse the CO2+MEA reaction are 

provided by condensing steam. 

 ( )
topbottompCOabsCOOHvapOH TTLcHnHn -+D-=D 2,22,2  (5.5) 

Equations 5.2 trough 5.5 are approximations, because they assume that only 

water is vaporized in the reboiler. In reality there is also some CO2 desorption. 

In the sensible heat term the temperature at the bottom is set by the flash 

temperature of the liquid at the bottom pressure; the temperature at the top depends 

on how much heat is transferred through the cross heat exchanger. In this work the 

temperature approach to equilibrium in the cross heat exchanger was held constant 

at 20 
0
F (11

0
C). For a stripper that operates at the pressure of the Bellingham base 

case (180 KPa at the reboiler), Tbottom=121 
0
C and Ttop=110 

0
C. 

In this chapter the reboiler duty is reported normalized to the moles of CO2 

removed. The values are made dimensionless in order not to disclose the base case 

value, proprietary to Fluor Corp. 

The results of most of the runs presented in this chapter are reported in 

Appendix E. 

5.2. Solvent rate optimization 

The reboiler duty is very sensitive to the solvent rate. At very low solvent rates, 

the absorber performance is reduced; the solvent loads up quickly, reducing 

absorption rates. The way to keep the removal constant is to use a low lean loading. 

On the stripper side, low lean loading means that a lot of steam has to be produced 

to regenerate the solvent.  At higher solvent rate, the wanted removal can be 

achieved even if higher lean loading is used. This reduces the energy required to 

regenerate the solvent in the stripper.  At very high liquid rates the sensible heat 

becomes dominant, therefore the reboiler duty becomes higher.  An optimum 

solvent rate is found, by plotting the results. 
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Table 5.1. Optimization of solvent flow rate, 3% mole CO2 in flue gas, 85 % 

removal, 0.1 mol HSS/mol MEA, reboiler duty normalized to moles of CO2 

removed and divided by a typical industrial value in MJ/Kmol, stripper 

bottom pressure 1.7 atm. 

Absorber 

L/Gmass 

Optimum 

Lean 

loading 

Optimum  

Rich loading Qrel 

0.6326 0.11 0.4171 1.4900 

0.6839 0.13 0.4152 1.2697 

0.7351 0.15 0.4132 1.1451 

0.7801 0.16 0.4115 1.0850 

0.8628 0.18 0.4083 1.0505 

0.9118 0.19 0.4064 1.0534 

0.9678 0.20 0.4043 1.0636 

1.0318 0.21 0.4020 1.0781 

1.2991 0.24 0.3934 1.1439 

1.7749 0.27 0.3829 1.2552 

 

Figure 5.1 shows how the reboiler duty changes with solvent rate for the case of 

3 mole % CO2 in the flue gas and 85% CO2 removal. For the runs the heat stable 

salts loading was kept at 0.1.  Table 5.1 shows also the optimized L/Gmass and the 

optimum lean and rich loading. 

The slopes of the reboiler duty curve are different on the two sides of the 

minimum. On the left side of the minimum, the heat increases approximately 10 

times faster than on the right side. At low solvent rate steam generation accounts 

for most of the reboiler duty; at high solvent rate the sensible heat becomes more 

important. Because the CO2 removal is kept constant, the term associated with heat 

of absorption is constant as the solvent rate changes.   

Figures 5.2 through 5.7 show McCable-Thiele diagrams for absorber and 

stripper at three different solvent rates. The absorber is never pinched.  At high 

solvent rate the absorber tends to be more lean-pinched, whereas at low solvent 

rates the lean pinch becomes more loose. At very low solvent rate a rich pinch 

would be expected. 
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Figure 5.1. Optimization of solvent flow rate. 3% mole CO2 in flue gas, 85 % 

removal, 0.1 mol HSS/mol MEAtot, solvent rate normalized to flue gas rate, 

reboiler duty normalized to moles of CO2 removed and divided by a typical 

industrial value in MJ/Kmol.  

From the stripper McCabe-Thiele diagrams information can be obtained on the 

reboiler duty. Equation 5.4 states a direct proportionality between reboiler duty and 

slope of the operating line at the bottom of the stripper. 

A tight lean pinch is observed when the solvent rate is low. The high steam 

requirement in the case of a lean pinch can be explained graphically. The 

equilibrium line is low at low loading; this constrains the operating line to have a 

low slope. Because the slope is proportional to L/V, V needs to be high, to keep the 

slope low. 

At the optimum a rich pinch is observed in the stripper. At these conditions, the 

slope of the operating line can be high enough to keep V low.  It can be noticed that 

the separation is well distributed among the 20 segments.  A considerable 
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separation is achieved in the reboiler stage. This is a consequence of the fact that 

the reboiler was modeled as equilibrium segment. This assumption may be 

questionable when the model predicts a significant composition change in the 

reboiler. 

At higher solvent rate the rich pinch is tighter. The stripping steam generation 

does not decrease, because the slope is constrained by the pinch. On the other hand 

sensible heat becomes important, and the reboiler duty increases as L increases.   

At the rich end of the stripper it can be noticed that the loading may present a 

jump from the value in the feed to the value in the first segment of the column.  In 

the low L/G and optimum L/G cases, the loading suddenly decreases from the feed 

to the first segment. In these cases the rich loading is sufficiently high that, at the 

stripper inlet temperature (approximately 110 
0
C) flashing occurs, with fast CO2 

vaporization.  

The fact that CO2 flashing is predicted introduces an uncertainty, due to the fact 

that the model sets the feed at vapor-liquid equilibrium. In the model the vapor 

coming into the column, result of flashing, is at equilibrium with the liquid. This 

represents reality only in the case that sufficiently small bubbles are formed in the 

liquid phase upon reducing the pressure of the feed to the stripper pressure.  

In the high L/G case, the opposite happens. The loading increases from the feed 

to the first segment, and it keeps increasing in the top half of the column. The 

reason is that the solvent carries a high heat capacity, due to a high flow rate; 

therefore it does not heat up easily due to water condensation. Instead the vapor is 

cooled by the colder liquid, and more water condenses. This results in 

concentration of CO2 in the gas phase, to the point that the CO2 absorbs. Figure 5.8 

shows the mole fraction profiles for CO2 and H2O in the column, along with 

loading and liquid temperature profiles. It can be seen that, in the top half of the 

column, a pinch is present, and the mole fraction of CO2 slightly decreases going 

up the column. 
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Figure 5.2. Absorber McCabe-Thiele diagram for low L/G case (L/Gmass=0.63).  

3% CO2 in flue gas, 85 % removal, 33.5 wt% MEA, 0.1 mol HSS/mol MEAtot. 
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Figure 5.3. Stripper McCabe-Thiele diagram for low L/G case (L/G mass =0.63).  

3% CO2 in flue gas, 85 % removal, 33.5 wt% MEA, 0.1 mol HSS/mol MEAtot. 
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Figure 5.4. Absorber McCabe-Thiele diagram for optimum L/G case (L/G mass 

=0.86).  3% CO2 in flue gas, 85 % removal, 33.5 wt% MEA, 0.1 mol HSS/mol 

MEA tot. 
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Figure 5.5. Stripper McCabe-Thiele diagram for optimum L/G case (L/G mass 

=0.86).  3% CO2 in flue gas, 85 % removal, 33.5 wt% MEA, 0.1 mol HSS/mol 

MEA tot. 
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Figure 5.6. Absorber McCabe-Thiele diagram for high L/G case (L/G mass 

=1.77).  3% CO2 in flue gas, 85 % removal, 33.5 wt% MEA, 0.1 mol HSS/mol 

MEA tot. 
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Figure 5.7. Stripper McCabe-Thiele diagram for high L/G case (L/G mass 

=1.77).  3% CO2 in flue gas, 85 % removal, 33.5 wt% MEA, 0.1 mol HSS/mol 

MEA tot. 
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Figure 5.8. Stripper CO2 and H2O mole fraction, loading and liquid T profiles,  

for high L/G case (L/G mass =1.77).  3% CO2 in flue gas, 85 % removal, 33.5 

wt% MEA, 0.1 mol HSS/mol MEAtot. 

 

5.3. Effects of the heights of the columns 

The effect of absorber and stripper heights was analyzed in this work to 

determine to what extent they affect the performance of the process.  It is intuitive 

that the performance of the process improves as the heights of the columns 

increase. Higher columns imply more area for mass transfer.  The uncertainty on 

the wetted fraction of the total packing area is a source of uncertainty on the results 

of this sensitivity. 

The stripper is usually pinched, therefore more area does not improve its 

performance significantly. In the absorber the mass transfer rates are slow, and 

more area would improve the performance more significantly.  The problem of 

increasing the height of the absorber is that it implies high capital costs and higher 

pressure drop.  
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5.3.1. Effect of absorber height, CO2 concentration and removal 

The first sensitivity analysis involves only the absorber height. The column 

diameter was kept constant at the base case value. Three curves were generated, as 

shown in Figure 5.9. One curve refers to 3 mol% CO2 in the flue gas and 85 % 

removal, one to 3% CO2 and 90% removal and the last to 10 mol% CO2 and 90% 

removal. Every point on the curves is optimized in the solvent rate. The absolute 

values of the heights were normalized to the height of the Bellingham absorber.   

Figure 5.10 shows the same results, but the reboiler duty is normalized to a 

minimum reboiler duty, which changes for every CO2 concentration and removal 

and corresponds to infinite amount of packing. The minimum duty was calculated 

increasing the height of the absorber to the point where the reboiler duty stopped 

changing.  For the three curves, the values of the mimimum reboiler duties (relative 

to the reference arbitrary value) are 0.9425 (3% CO2, 85% removal), 0.945 (3% 

CO2, 90 % removal), and 0.891 (10% CO2, 90% removal). It is interesting that, 

with a lot of packing, the removal practically does not affect the reboiler duty.  In 

Figure 5.10 the normalized height is divided by ln(yin/yout). The physical 

significance of this term is that, if Kg (overall mass transfer coefficient), G (gas flow 

rate) and P (total pressure)
 
were constant along the column and equilibrium was not 

approached, the height of the column could be expressed by equation 5.6, which 

can be derived with the integration of a differential material balance. 

 ö
ö
÷

õ
æ
æ
ç

å
=

out

in

wg y

y

SPaK

G
Z ln  (5.6) 

Although only a rigorous costing analysis can optimize the absorber height, it 

can be noticed that, at 80% of the reference height, the process starts to perform 

poorly.  
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Figure 5.9. Effect of absorber height on reboiler duty per mole of CO2 

removed, 33.5 wt% MEA, 0.1 mol HSS/mol MEAtot, optimum solvent rate, 

reboiler duty normali zed to total moles of CO2 removed and to typical 

industrial value. 

 

Table 5.2. Results of absorber height analysis for the three cases of Figure 5. 9. 

 z/zbase 

case 

Qrel 

 

Optimum 

L/Gmass 

Optimum 

lean 

loading 

Optimum 

rich 

loading 

minimum 

Qrel 

3% CO2 

85% removal 

 

0.6 1.87 3.29 0.26 0.321 0.942 

1.0 1.06 0.91 0.19 0.406 0.942 

1.6 0.95 0.82 0.20 0.440 0.942 

3% CO2 

90% removal 

 

0.8 1.69 3.37 0.28 0.343 0.945 

1.0 1.25 1.18 0.19 0.368 0.945 

1.6 0.97 0.85 0.19 0.435 0.945 

10% CO2 

90% removal 

 

0.8 1.11 5.42 0.29 0.417 0.891 

1.0 0.96 2.68 0.19 0.442 0.891 

1.6 0.90 2.61 0.20 0.460 0.891 
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Figure 5.10. Effects of Figure 5.9, reboiler duty normalized by minimum heat 

duty. 
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Figure 5.11. Optimized solvent rate for the three cases of Figure 5.9. 

 

Figure 5.11 shows how the optimum solvent rate (normalized to the gas rate) 

decreases as the height of the absorber increases. Shorter columns require higher 
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flow rates, in order to keep the removal constant. Table 5.2 shows the reboiler duty, 

optimum L/Gmass, and optimum loadings for every point in Figure 5.9. 

Intuitively, a higher solvent rate is required to increase removal at a given flue 

gas CO2 concentration, or to keep the removal constant when the flue gas 

concentration increases.  At constant CO2 concentration in the flue gas, the higher 

the removal, the higher the reboiler duty. This is a consequence of the fact that the 

optimum solvent rate increases as the removal increases.  This increases the 

sensible heat requirement and causes CO2 absorption at the stripper top. 

At constant removal, the normalized reboiler duty increases as the CO2 

concentration in the flue gas decreases.  Even though the absolute reboiler duty is 

higher for the 10% CO2 case than the 3% CO2 case, the reboiler duty normalized to 

the total number of moles recovered is lower. A simple explanation can be found if 

the minimum thermodynamic work required for the process is calculated at 

isothermal conditions (equation 5.7). 

 
inCO

outCO

PT

CO P

P
RTG

n

W

,2

,2

,

2

min ln=D=  (5.7) 

For the case of 3 mol% of CO2 in the flue gas, PCO2,in=0.03 atm; for the 10% 

case, PCO2=0.1 atm.  Assuming a stripper outlet pressure of 2 atm, the minimum 

work required to compress the CO2 from the absorber inlet condition to the stripper 

outlet condition is ln(2/0.03)/ln(2/0.1)=1.4 times higher in the low CO2 case.   

Figures 5.12 through 5.19 show McCabe-Thiele diagrams for some of the cases 

discussed above. A difference between the optimized 3% and 10% CO2 cases is 

that the stripper McCabe-Thiele diagram shows a rich pinch in the 3% CO2 case, 

but it does not in the 10% CO2 case. This is due to the fact that the high CO2 case 

has 3.3 times more CO2 to desorb, but the stripper size is the same. The higher 

liquid and vapor rates in the high CO2 case increase the mass transfer coefficients 

kla and kga, but not proportionally to the CO2 content. The consequence is that the 

column is not large enough to reach equilibrium at the rich end.  
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Figure 5.12. McCabe-Thiele diagram for the absorber; Zabsorber/ZBase case =0.6, 

33.5 wt% MEA, 0.1 mol HSS/mol MEAtot, optimized solvent rate 

(L/Gmass=3.29), 3 mol% CO2 in flue gas, 85% removal. 
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Figure 5.13. McCabe-Thiele diagram for the stripper; Zabsorber/ZBase case =0.6, 

33.5 wt% MEA, 0.1 mol HSS/mol MEAtot, optimized solvent rate 

(L/Gmass=3.29), 3 mol% CO2 in flue gas, 85% removal. 
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Figure 5.14. McCabe-Thiele diagram for the absorber; Zabsorber/ZBase case =1.6, 

33.5 wt% MEA, 0.1 mol HSS/mol MEAtot, optimized solvent rate 

(L/Gmass=0.82), 3 mol% CO2 in flue gas, 85% removal. 

 

Figure 5.15. McCabe-Thiele diagram for the stripper; Zabsorber/ZBase case =1.6, 

33.5 wt% MEA, 0.1 mol HSS/mol MEAtot, optimized solvent rate 

(L/Gmass=0.82), 3 mol% CO2 in flue gas, 85% removal. 




































































































































































































